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Abstract

Gasification allows the calorific value containeda solid fuel to be transferred to a
gas that can be employed for energy productionnmee efficient way. Gasification
in fluidized bed (FB) presents some advantages aoeapto other gasification tech-
nologies. However, this technology presents twonrfiaiitations: the high tar content
in the gas, which limits its application, and tleavichar conversion, which reduces
the process efficiency. Existing measures to ovacthese problems in standalone
fluidized bed gasifiers (FBGs) are not effectiveegh or too expensive for small-to-
medium scale units. Therefore novel designs engldionversion of tar and char
inside the gasifier are necessary. For this purposew three-stage gasification con-
cept based on FB design is under development bBitenergy Groumt the Univer-
sity of Seville. The objective of this thesis is wodel and optimize the proposed
gasifier, outlining the advantages of the new systempared to existing designs.

To achieve the objective, experimental tests hasenbconducted and theoretical
models have been developed. The results providerstahding of the conversion
processes occurring in the different parts of thsifger enabling optimization of the
system under different conditions. The main achieaats are summarized in the
following:

- Experiments were conducted in a cold-model to char&ze the fluid dynamics
of the system, i.e. the distribution of gas anddsoin different parts of the
gasifier, the mixing of fuel with bed particles atte operational range at which
the gasifier can be safely operated.

— The main fuel conversion processes (devolatilizatand char conversion) were
studied by measurements in a lab-scale FB. Theuptadistribution and rates
during devolatilization and the rate of gasificatiom mixtures containing carbon
dioxide and steam were determined. Furthermoreetfeets of the composition
of the fluidization agent on product distributionrohg devolatilization and the
kinetics of secondary conversion of volatiles wetrelied.

— Areactor model of the three-stage system was dpeel using the findings from
the experimental studies conducted previously, sipd by additional kinetics
from literature. Simulations were performed to cangpthe three-stage FBG to
conventional one-stage FBG. It was found that tineg-stage system significant-
ly improves the performance of a one-stage systemalysis allowed under-
standing the main factors affecting the conversddrtar and char in different
parts of the gasifier and, therefore, to identifyprovements. Simulations were
made to optimize the system, finding that adjustneérthe operating conditions
allows complete conversion of tar and char witthhpgocess efficiency.

The overall conclusion of this work is that the posed three stage gasifier is an
interesting technology for electricity productioroi biomass and waste. Further
research on tar conversion processes is hecessargllaas demonstration of the new
prototype at pilot scale.
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Resumen de la tesis doctoral

1. Introduccion

La gasificacidon de biomasa y residuos en lechaliftado presenta dos importantes
desventajas: el alto contenido de alquitran delygkes baja conversiéon de carbono,
esta Ultima como resultado de la dificultad de eotiv el carbonizado o char de
forma efectiva. El primer factor limita la aplicani del gas, ya que en aplicaciones
donde es necesario enfriar el gas antes de uskdo,alquitranes condensan
impidiendo la marcha adecuada del proceso o destdayla vida de los equipos. Por
su parte, la baja conversion de carbono dismineyéotma significativa la eficacia
del proceso al no ser aprovechada la energia debma no convertido, que, por otro
lado, sale en forma de cenizas de dificil gestkmbos problemas se deben a que la
temperatura de operacion en el gasificador es dadmbaja; esta temperatura esta
impuesta por el limite de fusibilidad de las cesjzgue normalmente esta entre 800 y
900°C dependiendo del residuo, en cualquier cégoifisativamente menor que el
del carbén. Para poder superar estas dos prinsipakventajas de la gasificacién se
hace necesaria la concepcién de un sistema queatpaomvertir de forma efectiva
tanto el char como el alquitran sujeto a la restit de temperatura impuesta por las
cenizas. En la busqueda de un sistema que pelewar la cabo lo anterior, se ha
propuesto un nuevo concepto de gasificador eneti@gsas, donde se estratifica el
proceso en varias etapas que permiten superar dssirconvenientes de los
gasificadores de lecho fluido convencionales.

El nuevo sistema propuesto consta de un gasificddolecho fluidizado (primera
etapa) que opera a temperatura relativamente kaja producir una mezcla de
alquitranes con un nivel limitado de aromatizacydpor consiguiente, mas reactivo.
En esta primera etapa no se pretende promovemlzersién del carbonizado. En la
segunda etapa se eleva la temperatura mediantgdecion de aire, lo que favorece
el reformado no catalitico homogéneo de la mezelalduitranes del gas. La tercera
etapa es un lecho moévil compuesto por las parSalgacarbonizado provenientes de
la primera etapa. En esta etapa se favorece ehatongas-solido y, por tanto, la
conversion del alquitran catalizada por el carbmthiz De forma simultanea, el
carbonizado se gasifica con vapor, lo que pernlitanaar altas conversiones de
carbono dentro del sistema.

El objetivo de la presente tesis es el estudicndel/o gasificador en tres etapas y su
modelizacién, en aras de demostrar la mejora daetidnamiento respecto a los
sistemas de lecho fluido convencionales, asi comptmiar el sistema para
diferentes combustibles y formas de operacion @@saire enriquecido y vapor). Para
ello se han estudiado cada una de las etapas redaperimentacion y
modelizacion. Por un lado, para comprender laidistion de gas y soélidos en el
sistema de tres etapas se han realizado estug)esiraentales en un lecho frio. Por
otra parte, para predecir y optimizar los diferengocesos de conversion del
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Resumen

combustible, se han llevado a cabo experimentaseaeactor de lecho fluidizado de
laboratorio donde se han investigado los procesateslolatilizacion del combustible
y la conversion del carbonizado ante diversas ceinjpmes del gas, asi como la
conversion secundaria en fase gas. Finalmente sdedarrollado un modelo del
sistema completo para la simulacién del procesogpsimizacion.

A continuacidn se presenta un resumen de los ¢tapite la presente tesis.

2. Resumen capitular
2.1. Capitulo 1: Introduccién

En este capitulo se discuten las ventajas y degjasnde la gasificacién de biomasa y
residuos en lecho fluidizado, haciendo especiatapi® en la problematica del alto
contenido de alquitran en el gas. Se discuten edifes métodos existentes para
superar este problema llegando a la conclusiérudesqn insuficientes o demasiado
caros para ser aplicados a sistemas de gasificagp@yuefia y mediana escala. Esto
justifica y motiva el desarrollo de un nuevo diseféogasificador en tres etapas que
permita convertir tanto el alquitran como el caibado dentro del gasificador. Al
final del capitulo se exponen los objetivos deekisty se realiza un resumen de los
aspectos mas importantes desarrollados en cadaloapi

2.2. Capitulo 2: Fluidodinamica de un sistema de gasifacion en tres etapas

En este capitulo se llevan a cabo experimentosnemadelo frio existente, que se
escalé para simular la fluidodinamica de un hipotét(imaginario) sistema de
gasificacion en tres etapas de 2 Wdhcionando con lodos secos de depuradora. Los
ensayos en el lecho frio tienen como objetivo ddtear los parametros
fluidodinamicos necesarios para la descripciénadapleracion a través del modelado
matematico del sistema. Se han medido velocidadesméhima fluidizacion,
porosidades del lecho a diferentes velocidadegatele intensidad de mezcla de los
sélidos en el lecho. Asi mismo se ha estudiaddigdribucién de los sélidos y gas en
las distintas partes del sistema. Se ha analizadapacidad predictiva de diversas
correlaciones y se han identificado aquellas qumipen predecir el comportamiento
en las condiciones especificas a las que trabags&ima en tres etapas. De esta
forma se ha construido un modelo fluido-dindmice germite predecir teéricamente
la distribucién de sélidos en el sistema y quetdizara posteriormente para simular
el gasificador en el capitulo 5.

2.3. Capitulo 3: Devolatilizacién

En este capitulo se ha estudiado la devolatilizad® diferentes biomasas y residuos
en el reactor de lecho fluidizado de laboratorie. 2 medido la formacion de
carbonizado, gas no condensable y agua durantevalatilizacion en atmosfera
inerte (Nb). Se han obtenido correlaciones para la distrdyude estos productos en
funcion de la temperatura, Utiles para modelamakifigacion en lecho fluidizado. Asi
mismo, se han medido tiempos de conversién y seebarrollado un modelo para
interpretar el modo de conversién de una partidel@ombustible. Para uno de los
combustibles se ha estudiado también la devoktitim en atmdésferas que contienen
CO, y H,0. Se ha establecido que: (i) la composicion delmmatador afecta poco a
la distribucién de productos durante la devolatdidn y (ii) el solape en el tiempo
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entre la devolatilizacion y la gasificacion dellmamizado es muy pequefio, por lo que
se puede asumir que son practicamente procesosneiges, es decir, que se pueden
modelar como si ocurrieran en serie. Estos aspdwaspermitido desarrollar un
modelo simple, pero realista, de un proceso muypteim (la devolatilizacion en
lecho fluidizado). Finalmente se ha caracterizadedlocidad de conversion de los
principales productos gaseosos, obteniéndose umétios para la reaccién de
desplazamiento de agua.

2.4. Capitulo 4: Conversién de carbonizado

En este capitulo se ha estudiado la conversidnadeonizado de lodos secos de
depuradora generado in situ en el reactor. Se tlaohénfasis en la gasificacion del
carbonizado con CQy H,O porque es el proceso dominante en un gasificagugue
también se han realizado algunos ensayos de cogmule carbonizado. Primero se
han obtenido las cinéticas de las reacciones dificga®n con CQ y H,O por
separado y después se ha estudiado la gasificaoignezclas que contienen tanto
CO, como HO. Los resultados muestran que la reaccién deigasidn con HO es
aproximadamente tres veces mayor que la velocidadC€. Se ha comprobado que
las cinéticas obtenidas para las dos reacciongmsiécacion (con Cy H,O) por
separado se pueden emplear para calcular la cadweles carbonizado en una mezcla
de ambos reactivos, asumiendo superposicion dinkasgelocidades de reaccion.

2.5. Capitulo 5: Modelado de un gasificador en tres etas

En este capitulo se presenta un modelo del sistiengasificacion en tres etapas. El
modelo emplea tanto los datos experimentales alwenén los estudios descritos
anteriormente (capitulos-2) como algunos datos cinéticos obtenidos dedealitira.
Los principales parametros manipulados del modafolas flujos de aire y vapor en
las diferentes partes del sistema y los resultasds importantes incluyen la
temperatura y composicion del gas en las difereztigas, asi como la conversién de
carbono y la eficacia del proceso. Los resultadedsntbdelo se han empleado para
comparar el gasificador de tres etapas con uni¢gdifr convencional de una etapa y
para estudiar la optimizacién del proceso. En @algr, se ha demostrado mediante
simulacién que el sistema de tres etapas mejorafod®ma significativa el
funcionamiento de los gasificadores de lecho thédb convencionales de una etapa.
La mejora esta motivada por la mayor reactividadriseca del alquitran generado a
menor temperatura en el lecho fluidizado (primei@a&) asi como por la mayor
conversion alcanzada al hacer atravesar al gasupofrente a alta temperatura
(segunda etapa) y un lecho catalitico generadostiteido por las particulas de
carbonizado (tercera etapa).

2.6. Capitulo 6: Conclusiones

En el dltimo capitulo se hace un breve resumerosi®lbjetivos y conclusiones mas
significativas del presente trabajo, listando unaurea las contribuciones mas
relevantes obtenidas.
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3. Conclusiones

Se ha desarrollado un modelo de un gasificadorete étapas basado en medidas
experimentales y el desarrollo de submodelos deriasipales etapas del proceso.

En primer lugar el modelo se empleé para estudiacoenportamiento de un
gasificador de lecho fluidizado convencional de etapa (empleando aire como gas
oxidante). Para la gasificacion en lecho fluidizatio lodos de depuradora secos,
donde la temperatura de operacion es baja poregmas de fusion de las ceniza, el
mejor resultado obtenido fue una eficacia del psocdel 75% y un gas con un
contenido de alquitran alto (del orden de 30 g/¥mbase seca).

A continuacién se empled el modelo para simulagaaificacion con aire en el

sistema de tres etapas. Los resultados de lasagiimoés mostraron que el ajuste de
las condiciones de operacion permite generar diééas significativas de temperatura
entre las distintas zonas del sistema. De este nssdaonsigue favorecer la

conversion del alquitran, por la creacion de unaazde alta temperatura en el
reformador no catalitico y por el posterior contadel alquitran pesado con las
particulas de carbonizado en el lecho mévil. Me®iala optimizacion de las

condiciones de operacién es posible conseguir wrevecsion del carbonizado

practicamente completa, con una eficacia del pooaks 81%, asi como un gas
producto con un contenido de alquitran de meno8.0& g por Nm de gas seco, un

valor suficientemente bajo como para que el gaslgpser empleado en motores de
combustiéon para generar electricidad.

Por Ultimo se estudié el comportamiento del gamiftr de tres etapas con aire
enriquecido, con un contenido de oxigeno de 40%okmen, como agente oxidante.
En este caso, se consiguid, para las condicionepercion 6ptimas, una eficacia
del proceso cercana al 85%, un gas con un podanifazd del orden de 10.8 MJ/Nim
y conversion practicamente completa tanto del aijuicomo del carbonizado.

Aunque los resultados numéricos de las simulaciest#n sujetas a las suposiciones
y simplificaciones del modelo, los valores numésiqumesentados en este trabajo
muestran claramente que la eficacia de gasificac&rcontenido de alquitran del gas
obtenidos con un gasificador convencional de uapaeson insuficientes para que
estos sistemas se puedan emplear para la produdeid@ectricidad a pequefa y
mediana escala en motores de combustiéon. Por ltacim los resultados de las
simulaciones del gasificador de tres etapas muesjia con este sistema se puede
obtener un gas con las especificaciones adecuataslgp combustion en motores
(con un minimo tratamiento de lavado) ademas deelde forma muy significativa
la eficacia del proceso.

Para seguir desarrollando el proceso se debe astedidetalle la conversion del
alquitran en el sistema, especialmente en el latidwil, asi como ensayar la
operacion a escala piloto.
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Chapter 1
Introduction

1.1. Gasification of biomass and waste

Gasification is a technology of great interest lsesof the benefits of transferring the
energy contained in a solid fuel to a gas. The pred gas can be employed in clean
and efficient applications, such as co-firing inséirg boilers and, when sufficiently
cleaned, engines and turbines generating elegtriGiasification of renewable fuels,
such as biomass fuels and residues is of spedéest, presenting some important
advantages compared to coal gasification and édissil fuel applications.

Despite of this, gasification of biomass presemtblems related to limitations in fuel
supply and high raw material costs. The fuel scua® usually geographically dis-
persed, increasing the need for transportationmBgs is a low density fuel, so the
transportation costs are high and usually pretreatsnsuch as compaction are re-
quired for transport. In addition, the supply odtmiass fuels such as energy crops and
agricultural residues varies with the season.

Gasification of wastes and residues has gainedneng interest in recent years,

because it does not present the aforementionedbdicks of biomass gasification.

The fuel cost is low, zero or occasionally evenatieg and the fuel supply is main-

tained during the whole year. Residues such asgesladge and fractions of differ-

ent municipal solid wastes, wastes and rests froimals, etc., have been considered
as energy sources in the lasts years. An impodiantback for the use of these resi-
dues in boilers is the contamination of the resglgas. The incineration of residues
is generally not desirable since the incineratibrs@me residues can lead to high
concentrations of dioxins and furans in the oujkdes. The shortage of oxygen dur-
ing the gasification process limits the formatidrthese species. In addition, in gasi-
fication processes, smaller gas volumes are pradiezding to less expensive gas
cleaning.

1.2. Gasification of biomass and wastes in fluidized bed

Fluidized bed gasification presents several adgmstacompared to gasification in
fixed beds or in entrained flow gasifiers, espégisgarding possibilities for scale-up,
automation and adaptability to different biomasaed residues, so it is especially
efficient for industrial processes employing biomasd waste fuels. Various con-
cepts have been developed for gasification in RR&ndalone, air-blown, bubbling

fluidized-bed gasification (FBG) is the simplesiredtly-heated design, delivering a
gas diluted by nitrogen, with a low heating valde® MJ/Nni) and high tar content

(10-40 g/Nm). Medium heating-value gas (12—-15 MJ/Rman be produced using
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steam as gasification agent. For this purpose @waaches have been developed:
directly-heated gasifier, in which a mixture of gy and steam is introduced in one
single reactor (Salo, 2010), and indirectly heajedifier, consisting of two reactors

using air in one and steam in the other (Rauchl.e@04; Paisley and Overend,

2002). In the latter case, heat for devolatilizati® generated by burning the char in a
combustion reactor and transferring the heat tostde®nd reactor, where the fuel is
devolatilized in steam. Highly purified oxygen igpensive, so gasification based on
two reactors seems to be more promising for medioate application than oxygen-

blown gasification (Gémez-Barea and Leckner, 2009a)

In FBG the operating temperature is often limitedotevent agglomeration and sin-
tering of bed material, especially for high ashteoh waste fuels. In addition, in
directly-heated gasifiers the increase of tempeeaisi achieved by increasing the
oxygen-to-fuel ratio leading to more combustionvofatiles, so an increase of this
ratio above a certain value leads to a decreapeotess efficiency. These limitations
restrict the FBG operating temperature to below @D0resulting in incomplete con-
version of the char and a gas with high tar confEhése are the two main drawbacks
of gasification of biomass and wastes in FB. Th&t factor reduces the efficiency of
the process, whereas the latter limits the apjdinaif the gas to cases where it can be
used without cooling, like burning in kilns and leos. Therefore, applications, such
as gas engines, turbines, fuel cells, and syntledgiss for fuels or chemicals, need
extensive and costly gas cleaning (GOmez-Bared ackiner, 2009a).

1.3. Reduction of tar in FBG

Tar is a common name for all organic contaminantghe gas with a molecular

weight larger than that of benzene. Condensatiotarsf can cause clogging of exit
pipes, particulate filters, fuel lines and injestan internal combustion engines, etc.
and it can cause corrosion in downstream equipntergressurized combustion en-

gines, erosion caused by soot formation can oddthe. required conditioning of the

gas depends on its application. If the gas needset@ompressed before end-use
equipment, such as gas turbines, it needs to blectalmwn first and this can cause
condensation in the compressor or in the transfer For evaluating the applicability

of the gas, the dew point is employed, which istémperature at which tars begin to
condensate. Light hydrocarbons, such as toluenecgalbhexane are usually not

considered as problematic since they do not comdansypical application tempera-

tures. Heavy tar components like naphthalene aadiéle PAH compounds are the

most harmful since they can condense at relativiglly temperature and they can lead
to soot formation.

The nature of the tar produced depends on the tonsliduring devolatilization. For

mm-sized particles, the devolatilization rate ismally limited by the intra-particle

heat transfer, so the devolatilization takes placéemperature below the bed tem-
perature, 400-600 °C. The primary tars produceteste low temperatures are a vari-
ety of organic compounds, from aliphatic chainspsoent fuel structures, such as
levoglucosan and glucose. Secondary pyrolysis atsmrs inside the pores of the
particles, so the particle size, and thus the pgrfragmentation, can affect the com-
position of the volatiles that leave the partidi@e tars emitted from the particle have
heteroatoms and aliphatic bonds, so they are tHgromastable at temperatures above
600 °C. At the bed temperature, the conversiorheftar compounds leads to the
formation of light gas and stable aromatic strussurNon-substituted refractory
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polyaromatic hydrocarbons are thermally stable arenot converted through non-
catalytic steam reforming at temperatures below“@0

The design of the FBG affects the conversion gfftarinstance, the location in the
bed where devolatilization takes place, is impdrtan the concentration and nature
of tars. This depends on the relative rates of mgixand devolatilization and where
the fuel is fed; at the bottom or at the surfac¢hefbed. Biomass particles with high
volatiles content and low particle density tend float in the bed during
devolatilization, due to the Ilift force caused bwcaping volatiles. If the
devolatilization occurs at the bed surface, the tarthe product gas are primary tars
that are more reactive. If the devolatilization urscat the bottom of the bed, the tars
have longer contact time with the bed material arcracked into more stable com-
pounds. In directly-heated FBG, the conversioraofith oxygen is limited because
it competes with light gases for the oxygen, anc¢toatact with oxygen occurs if the
devolatilization takes place at the bed surfacthéfair is only fed at the bottom. The
contact between tars and oxygen and steam is fisttead by the mass transfer be-
tween the emulsion and bubble phase, which caedigced if ascending plumes with
high concentration of pyrolysis gas are formed.

Effective secondary methods to capture tar arelablai (Stevens, 2001; Hasler and
Nussbaumer, 1999; Sutton et al., 2001; Boerrigt@®5; Simell, 1997). Removal by
washing with water is the least complicated methmd,the waste water is contami-
nated by tar and needs expensive treatment beifspeshl (Stevens, 2001; Hasler and
Nussbaumer, 1999). Tar removal using an organiesbbprior to the condensation of
water, avoids contamination of the water stream iammroves the efficiency of the
process by recirculating the tar to the gasifieodBigter, 2005). Although the pro-
cess seems to be efficient, it is complex and tqeesive for small or medium-size
plants (Gomez-Barea and Leckner 2009a). Anothesrelry method is the conver-
sion of tar by catalytic reforming/cracking in avdtstream vessel, which is an effec-
tive way to convert tar at the thermal level of gas leaving the gasifier, i.e. 800—-900
°C (Sutton et al., 2001; Simell, 1997; Dayton, 20@2owever, catalysts have tech-
nical shortcomings, such as inactivation by cartsmoet and ES. Novel catalysts can
overcome such disadvantages, but they need deratostprior to industrial imple-
mentation, so they are not yet commercially avédlasalo, 2010; Hannula et al.
2007). In summary, methods to reach high char anddnversion within the gasifier
are needed (Devi et al. 2002), especially for stoathedium scale plants where sec-
ondary cleaning has to be kept as simple and chsgpossible (Gomez-Barea and
Leckner 2009a).

Staging of the gasification makes it possible teate various thermal levels in the
gasifier, by feeding part of the oxygen to a pdrtaged in the upper part of the bed or
in the freeboard. The principle has been testquilatscale for air blown FBG. It has
shown that the proportion of stable aromatic conmgisuin the gas is increased, so the
dew point in the gas is still high (Campoy et 2010), although the total tar yields is
decreased. It seems that a more drastic divisiozonés in the gasifier is required.
Using cheap solid catalysts based on mineral rosksh as calcined limestone and
dolomite and olivine as bed material, and addiegrst may significantly enhance tar
reforming reactions. These measures are, howewérsufficient for the gas quality
required for power applications (dew point in th@ge of 20-40 °C) (Stevens, 2001;
Hasler and Nussbaumer, 1999; Campoy et al., 2@tBEr catalysts based on metals
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like nickel are more effective for tar reformingjtlihey have disadvantages: in addi-
tion to their high cost, they deactivate rapidiyttie bed and contaminate the ash, so
they are not suitable as in-bed material (GOmez8and Leckner, 2009a).

Char can act as catalyst enhanced by the alkalafkadine earth metals in its struc-
ture, having an effect on the steam reforming aceat tar. The main mechanisms of
tar conversion on char surfaces are still not wallerstood (Hosokai, et al. 2008).
The char structure undergoes significant transftiona during the conversion pro-
cess, and it is simultaneously gasified by steatherfluidization gas. Polymerization
with coke formation seems to be the main decomiposihechanism of PAH at tem-
perature above 700 °C. The deposition of coke erchiar surface can reduce its reac-
tivity. Even at low temperature, below 600 °C, thecan be reduced through deposi-
tion, but the char and coke are not gasified asehtemperatures. The reduction of
phenol is not a problem in an FBG at temperatulbes/@ 800-850 °Mecause it is
converted to a significant extent without catalfsbu EI-Rub et al., 2008). The re-
duction of naphthalene down to 0.5-1 mg on the rottaand is difficult in an FBG.
Char effectively converts the heavy tar compousdsthe contact between tar and in
situ generated tar could help reduce the tar coinighe product gas. This is however
difficult to attain in a single FBG, because bygiag of bubbles and other factors
reduce the contact time between tar and char.nt lsawever, be achieved in fixed
bed gasification.

1.4. Conversion of char in FBG

In directly-heated FBG the extent of the reactiohghar with oxygen is small, alt-
hough if the devolatilization takes place at thd barface and the char mixes well in
the bed, char could be more effectively convertéti mxygen. In most cases, in FBG,
the char has to be converted through gasificatidgh steam and C© The rates of
these reactions are low, so high temperature isleteén order to reach high char
conversion. In addition, the char residence time loa reduced due to elutriation of
fine char particles or if extraction of bed mateigneeded to maintain the solids
inventory. Elutriation can be reduced by lowerihg gas velocity, but this decreases
the degree of mixing in the bed, leading to fugjregation and higher tar yield. The
solids residence time could be increased by inargdke bed height or through recir-
culation of entrained solids. In the first case phessure drop in the bed increases and
the energy required for compressing the feed gdsgiser. For fuels with high ash
content, continuous bed extraction is necessarydimtain the bed inventory, so the
char conversion is decreased. Therefore, the law cbnversion in these systems is a
problem that needs to be solved. In directly-he&®@, it is difficult to achieve more
than 95% char conversion. In indirectly-heated FB®,char conversion is up to 99%
because the char is burnt separately in the ri%z&isley and Overend, 2002).

1.5. Staged gasification

Staged gasification creates different zones ingtsfier so that the operating condi-
tions can be adjusted to increase simultaneouglythe tar and char conversion. The
different zones are created by staging the oxidantmore drastic zone division than
in the secondary air injection is achieved. Theasagion favors the conversion of tar
because it creates a gas with highly reactivederpounds at high temperature in the
presence of steam.
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A few innovative processes have been proposed h@seathged gasification. Exam-
ples are processes like CASST, developed at Ermeigparch Centre of the Nether-
lands (den Uil, 2000), the “Viking” and “Low-Tar BI' developed at Danish Tech-
nical University for fixed bed (Henriksen et alQ@5) and fluidized bed (Houmgller
et al., 1996), respectively, STAR-MEET at Tokyotinge of Technology (Wang et
al., 2007), CleanStgGas at ITE Graz University e€fnology (Lettner et al., 2007),
and other (Schmid and Muhlen, 1999; Hamel et @Q72. In most gasifiers of this
type the char is converted by gasification (withash or CQ), so the efficiency of the
process depends on how the conversion is "arrandggdte char gasification reac-
tions are slow, it is necessary to provide longdessce time to achieve significant
char conversion. This is easier to handle in fikedl, so most staged gasification
processes are based on fixed bed designs. A proosssining fluidized and moving
beds (Susanto and Beenackers, 1996; Hamel eDAl7) has been suggested recently,
oriented to the conversion of difficult waste witigh fuel utilization, but the tar
content in the gas is still high. All mentionedgstd gasification designs where high
conversion of tar and char has been reached &@ ik moving beds.

1.6. Three-stage FB gasification system

In order to carry out staged gasification, enabhigh throughput and adaptation to a
variety of fuel size and quality, FB is desirednéw three-stage gasification concept
based on FB design has been presented (Gomez-Baaba 2012a). The system is

primarily focused on processing difficult wastefjose ash content is high. For these
fuels, the nature of the ash limits the temperatdithe gasifier because of the risk of
agglomeration. The system is represented in Figuteshowing the main processes
taking place in the different parts.

Air

Reforming of fresh tar
Steam

with steam at high T

| ©

Devolatilization @
atlow T o
High yield of tar Char gasification

Catalytic tar reforming
@ Particle filtering
Gas seal Gas quenching
Solid
transport,

Fuel

@

Sé?’is out

@ Devolatilizer

@ Seal

Non-catalytic
gas reformer

@ char converter Air

Air
Steam

Steam Solids out

Figure 1.1: Basis for the conceptual development of a thregesgasification concept with
indication of the essential process occurring inous parts of the system (Gémez-Barea et
al., 2012a).
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The devolatilization of the fuel takes place inwdized bed (first stage). The solids
that leave the devolatilizer fall into the sealoingh overflow, while the gas enters a
high temperature reforming zone where the temperaslincreased through injection

of air (second stage). The solids coming from tkal $orm a moving bed of char

particles in the third stage. Here the tar refogramd char gasification reactions take
place due to the contact between the gas comimg fhe gas reformer and the char
particles in the moving bed. These reactions averéa by the high temperatures in
this stage.

The three-stage process is ideal for high ash ooffiteels since the devolatilization

takes place at low temperature, avoiding sinteahthe ash. For these fuels small or
no addition of bed material is needed. The crackifhthe tars in the gas is then fa-
vored in a high temperature zone and the converditreavy tars and gasification of
unconverted char, coming from the devolatilizeketalace in the moving bed of char.
This leads to high char conversion and a produstvgth low tar content. The solids

in the seal prevent the gas leaving the devolatilfrom passing through the seal,
enabling separation of the gas and solids flowsraaking it possible to create a high
temperature zone in the gas phase without expdbagolids to these high tempera-
tures. The seal also helps stabilizing the presuctuations in the system.

The three-stage gasifier is a flexible system #ilatws optimization of the operating
conditions for different fuels. By adjusting theowils of air and steam fed in the
devolatilizer, seal and gas reformer, the tempeeatand gas compositions in the
different parts can be adjusted in order to optintiee conversion of both tar and char.
Steam is added in order to favor reforming of tad to inhibit the reactions of coking
and polymerization at high temperature in the géarmer (Hosakai et al., 2008). The
amount of steam to be fed in the devolatilizer #mel gas reformer depends on the
effects of steam on the formation and secondaryamsion of tar. The general idea is
to devolatilize the fuel at relatively low tempanat, generating highly reactive non-
aromatic tar and then generating a high temperatone in the gas reformer where
the tar is converted in the presence of oxygenstedm. In this stage, the total tar
content decreases, but polymerization reactionslead to formation of soot and
heavy tar compounds. These heavy tar compoundsncae easily deposit on the
char particles in the moving bed of char (in thiedtlstage) and the coke and other
particles in the gas can be reduced through filtervith the particles in the bed. In
the third stage, the residence time of the chatiigbes is increased leading to higher
char conversion, through gasification with steamstincreasing the process efficien-
cy. The addition of oxygen in the seal helps taease the char conversion through
combustion, this could be interesting for fueld dg@nerate large amounts of char. On
the other hand, the addition of oxygen in this etagn lead to a fast increase of the
temperature, so the amount of air that can be addpdnds on the ash melting be-
havior of the fuel. The gas flow required in thalsgepends on the minimum fluidiza-
tion velocity of the solids employed.

1.7. Objective and content of this thesis

The purpose of this work is to simulate the thriegys FBG proposed to assess its
performance under different operating conditionse Thodel must allow calculation
of temperature, gas composition and char conveisidine different parts of the sys-
tem. Technical details about how the system shbaldperated have been discussed
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elsewhere (Gomez-Barea et al., 2012a), althougttipaa relations have been taken
into account to set the model. The results of tloelehwill allow to check the possi-
bility of creating different thermal levels in antathermal three-stage FBG. In order
to model the system there are aspects that hale tovestigated. The flows of gas
and distribution of solids in the system, the caomian rate and product distribution
during the devolatilization of the fuel and theeraf conversion of char through gasi-
fication and combustion need to be studied. Inftflewing chapters, first the fluid-
dynamics of the system and fuel conversion processk be treated and after that
the modeling of the system will be presented.

In chapter 2, the fluid-dynamics of the systentigled with the purpose of determin-
ing parameters that are important for the operatibthe system. Experiments have
been carried out in an existing cold model of tire¢-stage gasifier. Different solids
have been studied. In order to determine the rafigms velocities to be employed,
minimum fluidization velocities were measured. Atke bed porosity at different gas
velocities was studied, in order to predict theriiation of solids in the system for a
given design. The mixing of the solids in the beakwharacterize by measuring the
distribution of solids residence times, which igortant for modeling the conversion
of char. Experiments were also carried out to stindydistribution of gas and solids
in the seal.

In chapter 3 the devolatilization of various fusistudied in a laboratory FB. This is
important since biomass and waste fuels are cordposap to 90% volatile matter.
Batch experiments were carried out for measurimyersion times and production of
char and main gas components, including CO,,dH, and H, and HO. Also a
simple model that calculates the particle heatatg was employed to study the pro-
cesses governing the devolatilization rate foreddht fuels and particle sizes. Tests
were conducted with different compositions of thadizing gas using mixtures of N
and CQ and N and HO to study the influence of the fluidizing gas camsipion on
the product distribution and devolatilization rafdwe results were employed to study
whether devolatilization and char gasification acsunultaneously or if they can be
modeled as sequential steps. Also secondary reaciiere characterized by measur-
ing rates of the water gas shift reaction (WGSRimB&ry generation and secondary
transformations of tars have not been studiediswlork because they are treated in
another thesis that is carried out in the sameepto|n that work also the conversion
of tar over a bed of char particles is studied,clwhig important for the third stage in
the system.

In chapter 4 the conversion of char is investigai®gring these tests, dried sewage
sludge (DSS) was used as fuel. Experiments wereedasut to measure the reaction
rates of char, generated in situ in the laborakBy with CQ and HO. First kinetics
of the gasification of char was determined using,€M) and HO-N, mixtures as
fluidizing gas. After that the char conversion ratemixtures containing both J@
and CQ was studied to obtain an expression valid forudating the char conversion
in an FBG. Also the rate of combustion of char wdifferent particle sizes was
measured.

In chapter 5 a steady state model of the threeeggjagifier is developed. The model
uses experimental input from the cold model stalyolatilization experiments and
char gasification tests as well as kinetics dadanftiterature. The model enables cal-
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culation of temperature, gas composition and cbawersion in the various parts of
the system for different distributions of air artdasn. Simulations are carried out to
compare the three-stage system to a one-stage RB®astudy the optimization of

the system.

Finally, chapter 6 summarizes the main contribwgianh this work and includes a
discussion of the main issues that need furthexstigation.



Chapter 2

Fluid-dynamics of a three-stage gasifica-
tion system

2.1. Introduction

In order to understand the conversion of differkrdls in the three-stage gasifier,
represented in Figure 1.1, and to select the properating conditions, the flows of
gas and solids in the system need to be charastierizour main aspects need to be
studied:

Minimum fluidization velocity

Distribution of solids along the system (bed pdsgsi
Mixing of solids

Distribution of gas and solids in the seal

The minimum fluidization velocity is a basic paraerehat needs to be determined in
order to study the fluid-dynamics, determining thage of gas velocities to be em-
ployed in the devolatilizer and in the seal. Thd perosity is directly related to the
bubble fraction, which is important for the mixingthe gas phase and thus for the
rates of both gas-gas and gas-solid reactionsb&Hdeporosity is also directly related
to the fraction of the bed volume occupied by tbkds, which means that if the bed
porosity is known, the mass of solids in the bed lba calculated. In order to study
the aforementioned aspects experiments have begadcaut in a cold model of the
system that was constructed based on the scale-dalsmlations from an imaginary
2 MW, plant using DSS as fuel.

2.2. Experimental setup

The cold rig employed in this study is represerniteBigure 2.1. The cold model has
been scaled down applying the fluid-dynamics sintilagiven in (Glicksman, 1998).
Details about the scale-down calculations and #stgeh of the cold model have been
presented elsewhere (Tirado-Carbonell, 2011). Thedemn was constructed in
Poly(methyl methacrylate). The reactor, seal arat clonverter all have square cross
sections. The reactor and the seal are fluidizets.b€he char converter is aimed to
work as a fixed bed made up of the particles confingy the seal. The solids that
pass through the system are collected at the baifaire char converter. For contin-
uous operation, solids can be fed to the systediffaerent rates through an alveolar
feeder. The seal is equipped with a separation wsailit is divided into two chambers,
called downcomer (left-hand chamber) and standfiight-hand chamber), respec-
tively. There is an opening between the separatialh and the distributor plate that
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enables the solids to pass from the downcomerdastandpipe. The opening is re-
ferred to here as gap, whose heighigig. In the real system there is also meant to be
a separation wall in the reactor to force the sol@move down to the bottom before
leaving the bed. Such wall is, however, not usethécold model due to the small
size of the rig. The model is also equipped wittoatrol valve that allows to increase
the pressure in the left part of the system.

Solids feed
M
9cm Reactor Valve
Y A
A H
9cm
VY
A . Seal
9cm Hr Yy Char
._\/_3 e N N converter

° Gas
de LA ou
K'Y v."san o b T

\../ o °
\‘_/ Cylorle
® = Pressure tap ﬂ

T1
J I

out
Air Air
Air
Cold model

dimension, m
Total height reactor, Hg 0.90
Bed height reactor, 0.29
Width reactor, L 5 0.22
Total height seal, H 0.6
Bed height seal, b 0.15
Width seal, L 0.11

Height of the gap in the seal, fi, 0.025-0.05 (*)
Width char converter, L ¢ 0.16

*This height is variable

Figure 2.1 Representation of the cold model employed to sthdyfluid-dynamics
of the system. The dots in the figure represerdqune taps.

The rig has a number of pressure gauges allowiagspre measurements at different
heights in the reactor and in the seal. Theretaeetair feed lines; one for the reactor
and two for the seal: one for each chamber (seer&ig.1). The air feed lines are
equipped with control valves and flowmeters, thadlde to adjust the gas flows. In
each line a maximum gas flow equivalent to a gdscity of 0.9 m/s can be fed.
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2.3. Material

Different solids have been employed in this stuabth DSS and DSS char, as well as
two inert bed materials; bauxite and ofite, theelabeing a sub-volcanic rock com-
posed mainly of feldspar, pyroxene and limestorige €riteria of selection of the
inert solids have been given elsewhere (Tirado-Qaelb, 2011). The densities of the
solids and the particle sizes studied are specifiefiable 2.1. The particle sizes of
DSS as received range between 1000 and 5000 pmdgzitof the material is found
in the range of 2000-4000 pm. The particle sizéribigion of DSS will be given in
the next chapter in Table 3.2. The particles c¢ &00-4000 pm were employed here
because they were available in sufficiently largargity. The particle size of the DSS
char is very similar to that of the original DSStmdes (Gomez-Barea et al. 2010).
Both DSS and DSS char are Geldart group D partiglbereas the bauxite and ofite
are Geldart group B particles (Geldart, 1973).

Table 2.1 Density of the materials studied and ranges dfgba size employed.

Material Particle density, kg/n? Particle size, um
DSS 1400 2800-4000 (average 3400
DSS char 800 1000-1400 (average 1200)

250-350 (average 300)
250-500 (average 375)

Bauxite 3200 350-500 (average 425)
500-800 (average 650)
Ofite 2600 250-500 (average 375)

500-1000 (average 750)

2.4. Minimum fluidization- and terminal velocities

The determination of the minimum fluidization- areminal velocities of the differ-
ent materials establishes the range of gas vedaditi be employed in the reactor and
in the seal.

2.4.1. Experimental procedure

The minimum fluidization velocityu,, has been determined in batch tests. The ves-
sel is loaded with a certain mass of material dredpressure drop in the bed is rec-
orded for different gas velocities. The expandedi theight is always below the height
hr in Figure 2.1, so there is no overflow of mateaal the bed massyg remains
constant. For some materials and particle sizesiidss of material available was not
enough to perform the measurements in the redctdhese cases, the measurements
were carried out in the seal. For ofite of size 3B, u,; was measured both in the
reactor and in the seal. The pressure drop betttreelocation just below the distribu-
tor plate and the top of the reactor was measimenn these measurements, the pres-
sure drop in the bed can be calculated according to

AR, =AR -AP, 2.1)

tot

where4Pyq is the pressure drop in the beP,, is the total pressure drop measured in
the experiment andPy, is the pressure drop in the distributor platBy, at different
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gas velocities in both the reactor and the sealdetermined in previous experiments
without bed material.

2.4.2. Results and discussion

Figure 2.2 shows the pressure drop in the bi&ly as a function of gas velocity,
measured for the different bed materials and garsizes. In Figure 2.2 (a) measure-
ments carried out in the reactor are represental Wigure 2.2 (b) shows measure-
ments carried out in the seal.

From the graphs shown in Figure 2.2 the experinhenitsimum fluidization velocity
for the different materials can be obtaingg; is detected when the pressure drop in
the bed reaches a constant value, which is equbktmass of the bed divided by the
cross-section area:

bd — (2.2)

Comparison of Figures 2.2 (a) and 2.2 (b) showtti@aiminimum fluidization veloci-
ties measured in the reactor and in the seal f& of size 375 um are similax@.16
m/s).

The minimum fluidization velocityu.;, can be theoretically calculated from the
Ergun equation:

LIRE, 150(1-¢,, ) Re,

= Ar (2.3)
£ El
with:
dpou
Re, = m (2.4)
H,

The difficulty with determining the minimum fluidiion velocity from Equations
(2.3) and (2.4) is that the porosity at minimumdimation, ¢, and the particle sphe-
ricity, @, are usually not well known. In this work the spbi¢y of the particles is not
known.
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Figure 2.2: Pressure drop in the betR,q as a function of gas velocity for different par-

ticles studied for measurements carried out inrélaetor (a) and in the seal (b). The
dashed lines indicate the pressure drop calcufeted Equation (2.2).

To enable calculation af,; whene.; andg are unknown the Ergun equation has been
expressed in the following way:

Re, =G+ G A-C (2.5)
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Different empirical values dE; andC, have been proposed in literature (Wen and Yu,
1966; Chitester et al., 1984). Some of them arensanized in (Tannous et al., 1994).
Most of these correlations have been obtained feld&t type A and B particles,
although some studies have also included Geldpeg §y particles (Tannous et al.,
1994; Babu et al., 1978; Nakamura et al., 1985;a@hyand Huang, 1988). The ex-
perimental values measured in this work have beempared ta.; values given by
different correlations. It was found that for baexand ofite the correlations proposed
by (Chitester et al., 1984),=33.7 andC,=0.0408, and (Tannous et al., 1994),
C;=25.83 andC,=0.043, gave the best agreement, while for the DI&8 particles
studied the best prediction was obtained usingetations proposed by (Lucas et al.,
1986), C;=29.5 and C,=0.0357 and (Chyang and Huang, 1988)=33.3 and
C,=0.033.

The terminal velocity can be calculated accordiagEquation (2.6) (Haider and
Levenspiel, 1989).

[ 18 72
u -[W{z.sss— 1.744ﬁﬂ (2.6)

Table 2.2 shows experimental and calculated vadfies,, and calculatedy values,

for the materials tested.

Table 2.2 Experimental and calculated minimum fluidizatieocities,u,, and calculated
terminal velocitiesy,, for the materials studied.

Umt, M/S u
Experimental | Particle Calculated | Calculated '
. . . ; calculated,
equipment size, um | Experimental (Chitester | (Tannous et m/s
etal, 1984)| al., 1994)
Bauxite
Seal 300 0.15 0.13 0.13 3.1
Reactor 375 0.20 0.20 0.19 3.7
Seal 425 0.25 0.25 0.24 4.1
Reactor 650 0.44 0.47 0.45 5.5
Ofite
Reactorand | 375 0.16 0.16 0.15 3.5
Seal
Seal 750 0.46 0.48 0.46 5.7
DSS char
Ui, M/S
Calculated u
Experimental | Particle Calculated Chyang '
. . . calculated,
equipment size, um | Experimental (Lucas et | and Huang, m/s
al., 1986) 1988).
Seal 1200 0.26 0.28 0.24 6.0

Calculation ofu,, for the DSS particles employed here, with size@Bgdén, usingC,
andC, from (Lucas et al., 1986), the correlation thategthe best agreement for DSS
char, gaveu,,=1.05 m/s. Since our experimental setup is notgmesi to work with
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gas velocities above 0.9 m/s, it is not possiblddtermine the minimum fluidization
velocity of DSS experimentally. Instead, experinsenere carried out with mixtures
of the DSS and bauxite of size 375 um. These experts are also useful to study the
segregation between particles of different size dedsity in the bed. Consecutive
tests with increasing mass fractions of DSS in rtigture, Xpss were carried out.
When xpsswas low, €0.05) the minimum fluidization velocity of the mixe was
approximately the same as for bauxite and the D&ficfes were well mixed in the
bed. Forxpss=0.20 theu,s was roughly 50% higher than for only bauxite, ailtbh no
segregation of DSS was observed. For larger priomsrof DSS, partial fluidization
was observed fauy above the minimum fluidization velocity of bauxifehe bed was
divided into a defluidized part found at the bottand a fluidized part located above.
The defluidized section contained large DSS paielnd the fluidized part contained
the bauxite and the rest of the DSS. When incrgabi@ gas velocity the height of the
defluidized section at the bottom continuously dases until fluidization of all the
material in the bed was achieved. These obsengtiom in agreement with literature
data (Hoffmann et al., 1993; Teplitskii et al., BD1The gas velocity necessary for
complete fluidizationp,, depends on the fraction of DSS in the bed arslistan-
tially lower than the theoreticai.; of DSS, in agreement with literature (Noda et al.,
1986; Teplitskii et al., 2010} can be calculated from Equation (2.5), using ax“*mi
ture density”p, and a “mixture diameterty,, to calculate the Archimedes number
(Formisani, 1991)p,, andd. are calculated according to Equations (2.7) an8l) (2.
respectively.

1
pm =
Yoss , Yo 2.7)
IODSS pbaux
1
d = P (2.8)

XDSS + Xbaux
dDSSpDSS d batg bauy

Different values ofC; andC, (see Equation (2.5)) found in literature weredddio
calculateu for different xpss including correlations obtained for binary mixar
(Thonglimp et al., 1984; Noda et al. 1986). Thethbesults were obtained with the
Chitester correlation which gave good agreemenkgesbelow 0.5. It is not surpris-
ing that this correlation gives good agreementldar mass fractions of DSS in the
mixture, since it predicts well the,; of bauxite. In Figure 2.3, the experimental
and the calculated values using the Chitester latioa are represented as a function
of Xpss
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Figure 2.3: Experimental velocity of complete fluidizationy, as a function of the weight

fraction of DSS in mixtures of DSS and bauxite (3ifB),Xpss compared with values cal-

culated from the Chitester correlation and propeiethe solids mixture given by Equa-
tions (2.7) and (2.8).

2.5. Bed porosity

The porosity in a FB depends both on the propedidke particles employed and on
the gas velocity. In this section bed porositietamied experimentally for different
particles and gas velocities are presented and a@dpto values calculated using
correlations from literature.

2.5.1. Experimental procedure

The bed porosity is commonly determined from thesspure variations along the bed:

dP
gl (1-£)g (2.9)

Here, the bed porosity was determined from timerayed pressures measured at
different heights in the bed. Measurements werdethout both in the reactor and in

the seal, both during batch and continuous experisn®auxite of sizes 375 pm and

650 um and ofite of sizes 375 pum and 750 um werdamd. During the batch tests

the mass of solids in the bed was constant, vartyiegxpanded bed height as a func-
tion of gas velocity. During the continuous tes$ts bed height was maintained con-
stant through overflow, varying the mass of solitshe bed depending on the gas
velocity.
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2.5.2. Results and discussion

Experimental results:

Table 2.3 shows porosities measured for bauxitzef 650 um at different heights in
the reactor during both batch and continuous erpanis. The locations of the pres-

sure taps at different heights in the reactor hosve in Figure 2.1.

Table 2.3 Bed porosities measured during batch and contmegperiments in sections lo-
cated at different heights in the reactor, foratiéht gas velocities, using bauxite of size 650

pm
Ug/Upt Ug-Umnt, €3-12 _ €12-21 _ £21-3_0 de_
m/s Batch | Contin. | Batch | Contin. Contin. Contin.
1 0 0.46 0.46 0.48 0.47 0.44 0.46
15 0.22 0.49 0.50 0.53 0.53 0.51 0.51
2 0.44 0.54 0.55 0.57 0.6 0.58 0.57

£3.10 E12.218r€ £21.50are the porosities calculated from the pressur@psitetween 3
and 12, 12 and 21 and 21 and 30 cm above thekdisiri plate, respectively. Also a
total bed porosityz,q, Was calculated from the pressure difference betvdand 30
cm above the distributor plate. It can be seen thatporosities measured during
batch and continuous operation are similar. The f@wsity varies to some extent
with the bed height, being higher in the middletieecof the reactor (between 12 and
21 cm above the distributor plate). A low porositphe can be located close to the
bed surface due to bursting of bubbles, but thissdaot seem to affect the results
obtained here.

The bed voidagey,s measured for bauxite and ofite in the reactoriartte seal, for
different gas velocities is summarized in Table. 2t4vas found that the porosities
measured in the reactor and in the seal were \uemjas. The results show that, as
expected, the bed porosity increases with incrgagas velocity. For the same excess
velocity, ug-Uy, Similar bed porosities are measured for differgatticle sizes. In
agreement with (Johnsson et al., 1991) where vellsncrease in bubble fraction
with decreasing particle size was observed for &xaelocities below 1 m/s. The
difference between the values measured in themeactd in the seal are small in
agreement with previous observations (Tannous €1294; Johnsson et al., 1991).

By substituting the experimenta} andeys in Equations (2.3) and (2.4) the particle
sphericity, g, can be calculated. The values calculated were 0.85, 0.77, 0.73 and
0.82 for the bauxite of sizes 375 and 650 um aitd of sizes 375 and 750 pum, re-
spectively.
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Table 2.4 Bed porosities measured for bauxite and ofiterdubiatch tests carried
out in the reactor and in the seal

Bauxite 375 um

Reactor Seal
Ug/Umt | Uo-Umt, M/S | €y | Ug/Umt | Ug-Ums, MIS | &g
1.0 0 0.46 1.0 0 0.47
1.5 0.11 0.50 1.5 0.11 0.50
2.0 0.22 0.53 2.0 0.22 0.54
3.0 0.44 0.55 2.5 0.33 0.57
4.0 0.66 0.59 3.0 0.44 0.59
Bauxite 650 um
Uo/Ums | Ug-Ums, MIS | gyq (reactor) | gyq (seal)
1.0 0 0.47 0.47
1.5 0.22 0.51 0.53
2.0 0.44 0.56 0.56
Ofite 375 um
Uo/Ums | Ug-Ums, MIS | gpq (reactor) | gyq (seal)
1.0 0 0.46 0.44
2.0 0.14 0.50 0.48
3.0 0.28 0.54 0.55
4.0 0.42 0.57 0.61
Ofite 750 um
Uo/Ums | Ug-Ums, MIS | gpq (reactor) | gyq (seal)
1 0.0598 0.45 0.46
1.7 0.322 0.53 0.54

Theoretical calculation of the bed porosity:

It is well known that the porosity is a function thie bubble fraction in the bed,,
and the porosity in the emulsion phaggthat can be assumed equal to that of mini-

mum fluidization §e=¢my):

&, =(1-

Jb) gmf + 5b

(2.10)

According to the original two-phase theory of fla@tion (TPT), all the gas flow in

excess of the minimum fluidization velocity passeugh the bed in the form of
bubbles.

U, =t - U, (2.12)

Uy is the visible bubble flow, that can be expressed function of the bubble velocity,
Up: U=dp- W, Jp iS the fraction of the bed volume occupied by BebbThe two-phase



Fluid-dynamics of a three stage gasification system 19

theory has been modified to account for gas flomeugh the bubbles by adding a
throughflow term (Johnsson et al.,1991):

U, =9,U, = 4= U, — Y, (2.12)

The bubble velocityy, can be expressed as the sum of the visible bilolvleand the
relative rise velocity of a single bubble in anmite bed,uy,, (Davidson et al. 1963):

U =ud,+u, =y -y, ~ Y+ (2.13)

Combining Equations (2.12) and (2.13) an expres&orthe bubble fraction can be
obtained.

1

1 + ubr

Uy = Uy — Yy

Jb =
(2.14)

U, can be calculated as a function of the bubble diand,, (Davidson et al. 1963):

u, =0.71%gd )" (2.15)

The bubble diameter can be calculated accordifptton et al. (1977):

db - (054(% _ qﬂf )0.4( h+ 4'%:)08) g-0.2 (216)

The throughflow can be expressed as:

U =(1-x) (- uy) (2.17)
Different methods for calculating have been proposed (Johnsson et al.,1991;

Zijerveld et al., 1997). According to the TPE1. The method proposed by Johnsson
et al. is given by Equations (2.18) and (2.19).

x=1,(h+any)” (2.18)

f,=(0.26+ 0.7exp- 34, ))( 0.6y, -u,

)—0.33

(2.19)

d, in Equation (2.19) is expressed in mm. Zijerveldake employed the following
expression to calculate

X =1.45Ar %% (2.20)
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Other methods for calculating the bubble fractisragfunction of the bed expansion
ratio, R,q, have been proposed (Hespbasli, 1998; Babu €t98).

1
0, =1-— (2.21)
Ry
(Hespbasli, 1998), gave the following expressiaidvfor R,s>1:
R, =0.54820*(y-y,)"" (2.22)
and (Babu et al. 1978) proposed:
0.738
143 u. — d1.006 0.376)
R, =1+( ) 47, (2.23)
0.126 = 0.937
pg 6umf

The Babu correlation was obtained using a largebmunof literature data obtained
for coal and related materials.

Once the bubble fraction has been determined, ¢deporosity can be obtained ac-
cording to Equation (2.10). Table 2.5 gives thetiplar size and density and gas ve-
locities employed to obtain the different corredas forey, found in literature.

Table 2.5 Experimental parameters employed to obtain diffecorrelations fog,g
found in literature

Correlation dp, Um | py, kg/m3 Ug-Uns, M/s | Geldart Classification
Johnsson 150-790 2600 0-3 B
. 593 1836 B
Hepbasli 1233 2486 0.05-0.70 D
Babu 250-4000 50-290Q 0-3Q; B and D

The bed porosity has been calculated for the nzdseemployed in this study as a
function of the gas velocity using the methods @nésd above. Figure 2.5 shows a
comparison between the experimental values meagutbeé reactor and the calculat-
ed values for the different materials. The result&igure 2.5 show that the correla-
tions proposed by Babu et al. and Johnsson etaé the best agreement and can be
employed to predict the bed porosity as a functibthe gas velocity for bauxite and
ofite. The mass of solids in the bed can be cdledlas a function of the bed porosity
using Equation (2.9). The TPT and the Hepbasli rhoderpredict the experimental
values of bed porosity and the correlation employgedijerveld gave generally too
low values.
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Figure 2.5: Experimental bed porosities measured in the reacto calculated values using
different models, (a): bauxite 375 um; (b): baud®® pum; (c): ofite 375 um ; (d): ofite 750
pm.

2.6. Mixing of solids

The mixing of solids was studied by measuring tis¢ridution of residence times of
DSS particles in the seal. As explained in sec®@ in the real system, there will be
a separation wall in the reactor, like in the sbat,in the cold model there is no wall
in the reactor. In order to have measurements septative of the reactor and seal in
the real system, the experiments in the cold mddelcharacterizing the mixing of

solids, were carried out in the seal.

2.6.1. Experimental procedure

The mixing of DSS particles was studied. As diseds® section 2.4.2 it was not
possible to fluidize a bed containing only DSSnsgtures of DSS and bauxite were
employed. The actual proportion of inert matereabe employed in the real system
will be determined in a later stage during operatid the system. Therefore, at the
moment, various mixtures are treated. Both thetoesend seal were filled with a
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mixture of DSS and bauxite. Experiments were cdrdet during continuous opera-
tion. The gas velocities in the reactor and in $hal were sufficiently high for the
whole bed to be mixed without visible segregatiérihe DSS. A batch of 20 g of
spray painted DSS was initially loaded into the emppart of the downcomer. During
the experiments the solids leaving the seal weleated in the char converter and
samples were taken every 30 s. The mass of baanitgpainted and non-painted DSS
in each sample was determined and it was confirthatixpssin the bed remained
practically constant during the whole test. Thespuee drop in the bed was measured
to check that the total mass of solids in the bed wonstant during the experiment
and approximately equal to 1 kg. The duration afhetest was 5 min and the gas
velocity employed was 0.75 m/s.

2.6.2. Results and discussion

Figure 2.6 shows the variation of the mass fractibpainted DSS particles in the bed,
with the non-dimensional tim&y for three different mass fractions of DSS in tleelb

7 is the spatial time defined as,¢/Fs, beingFs the solids flow rate andh,4 the total
mass of solids in the benh is the mass of painted particles in the bed a tiendm,

is the initial mass of painted particles addedhe bed at time 0. Figure 2.6 also
showsm/m, calculated assuming perfect mixing (PM).

©Xpss=0.57|
091\ 0 Xps=0.59
0.8 1 AXpgs=0.66
—PM

0.7 1 4

0.6 1

0.5 A

m.J/m;

0.4 1
0.3 1
0.2 1
0.1 1

Figure 2.6: Fraction of painted DSS remaining in the beadm, as a function of the
dimensionless time, experimental values obtainethi@exyssand values calculated
assuming perfect mixing (PM).

It can be seen that the curves are approximatelgadme for the three mass fractions
of DSS in the bed studied and equal to the curl@ilzded assuming PM. This means
that perfect mixing of the solids in the bed canassumed and the residence time
distribution of the solids can be calculated asrefion ofr using Equation (2.24):
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LU exp(—ij (2.24)

7 (=mydFs) can be estimated for given operating conditiopsddculatingm,y using
Equation (2.9) and the bed porosity using corretetifrom literature (Johnsson et
al.,1991; Babu et al., 1978) (as discussed in@e&i5).

2.7. Distribution of gas and solids in the seal

Experiments with continuous solids flow through #ystem have been carried out in
order to investigate the distribution of gas anliilsan the seal. In order to calculate
the temperatures in the gas reformer and in thelfbed of char (char converter), it is
important to know the distribution of the gas flotstween the left- and right-hand
chambers in the seal, called downcomer and staedpéspectively. The gas leaving
the downcomer joins the exit gas coming from theotiilizer, while the gas leaving
the standpipe flows directly to the char converfarother issue that needs to be de-
termined is the mass of solids in the seal. The HeEdht in the standpipe is main-
tained constant through overflow of the solids withe height in the downcomer can
vary depending on the operating conditions and sieetie determined.

2.7.1. Experimental procedure

The operation of the seal has been studied througgisurements of pressures in the
various parts of the system and the mass of swlitise seal. Details of the pressures
and other parameters studied are given in Figute 2.

Apva\lve
Q R+Qdcm|:> 6 ' 7
Reactor Seal

=)

2
RSP
1 . 8
Z‘I Q52 Q42 =) soiids
|::> Gas

Figure 2.7: Representation of gas and solids flows in the systed locations of the
pressures measured in the experimental study, chavite numbers.

The numbers in the figure show the locations ofdtilerent pressures studied, posi-
tions 3R and 5 represent the bed surface in thendonver and standpipe, respective-
ly. The sealing effect of the solids in the seavants the gas coming from the reactor
from flowing through the seal, forcing the gas s through the valve. The valve
makes it possible to increase the pressure differbetween the left and right parts of
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the system. The position of the valve can be varietdieen five positions, here called
O, A, B, C and D, O meaning completely open. If¥hése is partly closed a pressure
difference between the two chambers in the seliédcdowncomer and standpipe, is
createdQr andQs are the gas flows fed to the reactor and segbertively. As can
be seen in Figure 2.7, in all the tes@s,was divided equally, so half of the gas flow
was fed to the downcomer and the rest to the stpadphe gas flows in the left- and
right-hand chambers in the seal are callgd, and Qg respectively. Correlations
that give the pressure drop in the val¥B, e as a function of the gas flow though it
for the different positions have been obtained ji@ysly. In Figure 2.7 it can be seen
that the gas flow through the valveQ@g+Qq4.m When the valve is completely open,
APyave=0, and the only pressure drops in the system amsetl by the solids in the
reactor and in the seal, so in this caBgP3;=Ps=P¢=P;=Pg~P,,, The manipulated
variables in the system are the gas flows fed ér#actorQg and in the sealds and
the position of the valve and the objective is ébetmineQycm Qsyp and the height of
the bed in the downcoméycm Qqyem and Qgspywere determined using pressure meas-
urements at the different locations shown in Figlieandhy.,, was is recorded visu-
ally.

2.7.2. Results and discussion

Table 2.5 shows values of manipulated and measwngables, for continuous opera-
tion tests carried out using bauxite of size 375 agrbed material. The measured
variables shown are the pressures at the bottotheobed in the reactoB,, in the
downcomerpP,,, and in the standpip®,p, hgem and4Py e

Table 2.5.Continuous operation tests using bauxite of 375agined material, values
of manipulated and results of measured variables.

Manipulated Measured
Position

Number of Py, Psa Pap,

experiment Qr | Qs (\)/LTCS APuane | mbar | mbar | mbar | Mdem ™
4 50 12 0 0 44 19 19 0.15
5 75 | 12 0 0 39 19 19 0.15
6 50 12 A 7.2 44 19 19 0.10
7 75 12 A 13.0 39 19 19 0.07
8 50 6 0 0 44 24 24 0.15
9 75 6 0 0 39 24 24 0.15
10 60 | 12 A 9.6 42 19 19 0.09
11 60 | 18 A 10.4 42 16 16 0.07
12 60 12 B 13.1 42 19 19 0.07
13 60 18 B 14.5 42 16 16 0.05

The data in Table 2.5 indicate that for all thesg’,.~P,,, meaning that at the bot-
tom of the seal there is no pressure drop betweeitwto chambers. In the following,
the pressure at the bottom of the seal will berreteto a,. When the valve is com-
pletely open, the pressures in the seal are nokinéed by the gas flow in the reactor,
only by the conditions in the seal. When the vadveartly closed, the pressures in the
seal are affected b@r because an increase@g leads to an increase #P, e Ac-
cording to the pressure balance in the systenpibssible to have different gas veloc-
ities in the two chambers in the seal, becausepthssure drop in the downcomer
depends both on the gas velocity and on the beghtand the bed height is variable.
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Also different sizes of bubbles in the two chamb®sge been observed visually dur-
ing operation. The relationship between the presduops in the valve and in the two
chambers in the seal can be expressed as:

le - Fg = AF_:tp = AI:>dcm+A I:\’/alve (225)

This means that iffP,qcincreases eithedPyc.mshould decrease atPg, should in-
crease and iffP,e=0, 4Ps;=4P4cm Comparing the results from tests 4, 5, 8 and 9 it
can be seen that whetfP .0, hyen=hstp, and since the pressure drop is the same in
the two chambers also the gas flows should beah®sSo it is concluded that when
the valve is completely opegehs, and QuenQse The effect of an increase in
AP,qve fOr a givenQs can be seen by studying the results of the tedtsldean be
seen that whedP,,,. increasesP, does not change, which means th&t, is the
same. This means also that the gas flows in thectvaonbers remain unchanged and
instead the increase ufP,,.iS compensated by a decreasehig, giving a lower
APy From tests 10-13 it can be seen that when theevial partly closed an@s
increases4P, 4 increases, which means th4., increases. The results also show
thatP, andhy. decrease. The decreasd’inmeans that the gas flow in the standpipe
also has increased leading to low,, In order to study the distribution of the gas
flows between the downcomer and standpipe, theslations that give the pressure
drop in the valve as a function of the gas flowaittd previously were employed to
calculateQqcmandQgy, for tests 10-13. The results are shown in Tale 2

Table 2.6.Gas flows in the downcomer and standpipe calculaseal function ofiP, e

Number of experiment | APyave | Quem, Nm/h (calc.) | Qu, Nm/h (calc.)
5.9 6.1

10 9.6 .

11 10.4 9.0 9.0
12 13.1 5.8 6.2
13 145 9.3 8.7

The results in Table 2.6 indicate th@j.~Qsyp From the results of the continuous
operation tests it can be concluded that the gas fitd to the seal is divided equally
between the two chambers so tk@t.~Qsy If the pressure is the same in the two
columns, the bed heights are also the same. Ipithssure in the left part of the sys-
tem is increased leading to a pressure differert@d®en the two chambers in the seal,
this is compensated by a decrease of the bed hieighe left-hand chamber, so the
system evolves to a state where the pressures isyfiem are kept as low as possible.

Experimental pressure diagrams in the system dadairsing bauxite of 650 um as
bed material are shown in Figure 2.8. Figure 2.8t@ws pressures measured with
the valve completely openfl,,.,0), while Figure 2.8(b) represents pressures meas-
ured for4P,4,e0.
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Figure 2.8: Pressure diagrams in the system for 4&),,,=0 anduy=0.44 m/s (solid
lines) anduy=0.63 m/s (dashed lines); (hi=0.44 m/s andIP,,,=7.2 (solid lines)
and4P,4,,~11.2 (dashed lines)y was the same in the reactor and in the seal.

If the pressure difference between the two chamibettge seal is larger than the pres-
sure drop produced by the solids in the seal, ¢aéirgy effect will be lost and the gas
coming from the reactor will start flowing downwardhrough the seal as well as
through the valve. In this case the gas flow indbal increases significantly leading
to a fast decrease of the mass of solids in the Aeeontinuous increase AP, e
causeshgm to decrease until its minimum valuy,, For this situationdPgc,=Pa-
Phgapand sincedPg=P.-Ps (see Figure 2.7), Equation (2.25) givel®ave=PhgagPs-
This means that the pressure drop in the valvguslgo the pressure drop caused by
the solids in the seal and the critical pressuop dor which the gas will start to flow
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through the sealyP.;, has been reached. Figure 2.9 represents theupzedisgram
of the system for the critical conditioMyc,=hgap

0.9
AI:’crit

7 6
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0.7 A

0.6

Height, m
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¢ 8  Ngap
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Figure 2.9: Pressure diagram of the system whgp=hg., and calculation ofiPg;.

From Figure 2.9 the following relations can be destlifrom trigonometry:

a_[ AP, ]
Do Do (2.26)
h | h-h,

and4Pg;; can be calculated from:

AP, =P [—hs _ hﬁpj (2.27)
h,

According to Equation (2.27), apart from the diniens of the sealhg and hy,p)
AP depends orP, which only depends ofps, not varying withQg. The critical
pressure drop has been measured for two differastflgws in the seal. Table 2.7
shows a comparison between the experimefi®g); and the values calculated by
using Equations (2.26) and (2.27). As can be seélable 2.7, there is good agree-
ment between the experimental and calculated valties concluded that the design
of the seal should be done by careful selectioth@fheight of the standpipe and the
size of the gap for the design value@f Equation (2.27) is helpful for the design of
the system.
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Table 2.7. Experimental and calculatetP.;; values for two different gas flows in the seal.

Qs | Py | AP experimental | AP calculated
13| 24 22 22.4
19 | 18 16 16.8

2.8. Conclusions

The flows of solids and gas in a three stage FB@ Hmeen studied. The minimum
fluidization velocities were measured for differ@materials and particle sizes, includ-
ing mixtures of DSS and bauxite. Various correlaidrom literature were compared
with measurements and good agreement was obtasiegl proper correlations.

The bed porosity was measured experimentally fiferéint materials and gas veloci-

ties. It was found that the bed porosity can bemassl to be constant throughout the
bed. The models proposed by Babu et al. (1978)Jahdsson et al. (1991) gave good
agreement with the experimental results of the pasity, enabling estimation of

the mass of solids in the bed.

The mixing of the solids in the seal was investigadnd it was concluded that perfect
mixing of the solids can be assumed, so the res@éme distribution of the solids

can be calculated from Equation (2.24). This ermabbedeling of the conversion of

solids in the bed, being of special importanceefstimating the extent of char gasifi-
cation.

The distribution of the gas flow in the seal betw#ge downcomer and standpipe was
studied during continuous operation, showing tbatall the operating conditions the
gas was divided equally between the two chambgthelpressure in the left part of
the system is raised, this increase in pressuwrerigpensated by a decrease in the bed
height in the downcomer, so the system evolvesdtat of minimum pressure. The
critical pressure difference between the downcoamet the standpipe for which the
seal stops working was determined experimentally @m expression for estimating
the critical pressure difference was obtained, mivg Equation (2.27).

The theoretical methods and correlations devel@pebtreated in this chapter allows
understanding of the three stage gasification systad will be used to model the
gasifier in chapter 5.



Chapter 3
Devolatilization in fluidized bed

Devolatilization is a key conversion stage duriagification and combustion of bio-
mass fuels. Knowledge of yields and compositiorvaftiles is especially relevant
for fuels with high volatiles content such as bienand waste. When biomass is
devolatilized, light gases and tars represent 7%-80 the total mass fed, whereas
only 10-30% is chgNeves et al., 2011). In a FBG, the yield of clmuseful to de-
termine the bed size and the carbon conversiocieffty achieved in the reactor.
Determination of the tar yield is essential singghttar content limits the gas applica-
tion.

This chapter includes an experimental study ofdéeolatilization in FB of different
biomass and waste fuels including wood pelletgdisewage sludge (DSS), meat and
bone meal (MBM), compost from municipal solid wa@#SW) and two agricultural
residues, here called agricultural residue 1 amatw@tural residue 2. The distribution
of products obtained during the devolatilizatiorNgratmospheres and, the influence
of the composition of the fluidizing gas were sadli The results obtained for DSS
will be employed in chapter 5 to model the systBefore presenting the experimen-
tal procedure and results, theoretical aspectewbldtilization are treated.

3.1. Theoretical aspects of devolatilization

The products of devolatilization of biomass areallygdumped into light gases which
include CO, CQ, H,, CH,; and other light hydrocarbons, liquids, includirmgst and
water and char. Char is a carbonaceous solid ¢nadins after thermal decomposition
of the fuel.

The distribution of products obtained during detibiation is a consequence of both
the primary generation due to the thermal decontiposof the fuel and secondary
reactions involving the produced volatiles. Secopdaactions may occur homoge-
neously or heterogeneously, both inside the fugigha and in the reaction furnace.
Devolatilization experiments are usually condudtedhert atmosphere, using, r
He as carrier gas for the evolving volatiles. Dgridevolatilization, the produced
volatiles are transported out of the fuel partisleconvective flux. This convective
flux carries away the volatiles from the particlefdre reacting with the surrounding
gas and it prevents contact between the surrourgfisgand the fuel particle. Secon-
dary tar reactions include thermal cracking, refogrand polymerization reactions
leading to soot formation. Also water-gas shiftctean may occur. The extent of
extraparticle thermal cracking of tars is influethd®y both temperature and gas resi-
dence time. These reactions are important at teatyress above 500-600 °C and at
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high temperatures they may occur to a significaérg even for residence times as
low as 0.1 s (Morf and Hasler, 2002). The presarfamactive gases may influence
secondary reactions during devolatilization andheoyields and distribution of the
species generated. In addition, the mode of dalipédion affects the structure and
reactivity of the produced char. Consequentlyhé gases measured should be repre-
sentative of the volatiles leaving the devolatilgiparticle, secondary reactions
should be minimized. This is achieved by reducing ¢as residence time and the
concentration of volatiles in the reactor by insiag the flowrate of carrier gas and
reducing the initial mass of fuel added.

Primary generation is influenced mainly by the cosipon of the fuel and by the
heating rate applied to the particle. The tempeeaat which a material decomposes
depends on the relative rates of devolatilizatiod heating. If the heating rate is low,
for example in TGA, the different components in thel decompose within a narrow
range of temperature and the typical mass-lossecasva function of temperature is
obtained. On the other hand, if the heating rategh, for example in a FB, the tem-
perature at which devolatilization takes place lbarhigher, affecting the distribution
of products from primary pyrolisis. An increaselirating rate has shown to give
lower char yields (Di Blasi, 2009).

Different laboratory devices have been used toatttarize devolatilization: packed
bed furnace (Di Blasi et al., 1999), thermogravimgetpparatus (TGAJRaveendran
et al., 1996; Rao and Sharma, 1998) or(¥& den Aarsen, 1985; Jand and Foscolo,
2005; Jiang and Morey, 1992) and other devices siscrop-tube reactor, heated-
grid furnace, etc. Both heating rates and peak ¢zatpres applied vary between the
different devices. TGA is usually employed when alatilization kinetics are to be
obtained. In TGA, very small samples and very fiyaticle sizes are used and the
heating rates are low (typically 5-40 °C/min). Untleese conditions, heat transport
limitations are minimized, which is a necessaryditon when measuring pyrolysis
kinetics. Drop tube furnace has also been apptiezbtain devolatilization kinetics at
temperatures above 450 °C (Kersten et el., Q@&ch kinetic data on biomass de-
volatilization has been published over the yeattsoalgh there is great variation be-
tween the data given by different authors.

Particle size influences the heating rate and theslistribution of primary devolatili-
zation products. It can also influence the prodiistribution through secondary in-
trapartile volatiles reactions. For thermally tipiarticles, where no temperature gradi-
ents are present, drying and devolatilization odousequence and homogeneously
throughout the particle, while for thermally thigarticles, important intraparticle
temperature gradients exist and the processesyimfigdan devolatilization may occur
at different times in different parts of the pdgijcand this enhances contact between
evolving moisture and volatiles and, in additidme tvolatiles have to pass through a
hot char layer before leaving the particle. Intréipke tar reactions have been found
to reduce liquid yields (Boronson et al., 1989; tBend Piskorz, 1984) and char has
been found to enhance themal cracking of tars (Bwwo et al., 1989), leading to the
formation of more char. When looking at the influerof particle size, one has to
keep in mind that the volatiles generation durimyalatilization can produce high
pressures within the particle, which can lead &gifnentation of large particles. Fine
fuel particles allow determination of the intrindimetics of the chemical pyrolysis,
because of uniform temperature and negligible parisresistance throughout the
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fuel particle. This is the so-called kinetic reginhe contrast, for large particles the
devolatilization rate tends to be limited by theeimal heat transfer through the parti-
cle, depending mainly on the effective thermal eaniity; then the particle is not

heated isothermally, and this affects the rateeobthtilization and the product distri-

bution. When the external particle surface is stttij@ high temperature, as in an FB,
external heat diffusion may also affect the ratel@¥olatilization. In addition, mass

transfer by the release of volatiles may influetiee devolatilization rate, but it usu-
ally plays a secondary role.

In order to predict the behavior of FB gasifiersl @embustors, pyrolysis and devola-
tilization data should be obtained at high tempeeand heating rate using particle
sizes in the range of the industrial applicationr@son et al., 1989; Hajaligol et al.,
1982; Nunn et al., 1985; Rath et., 2002). Thoughnyrstudies have been undertaken
in TGA, using low or moderate heating rates, omgsflash pyrolysis conditions,
where the heating rates are very high, and the destyre range of interest is from
300 to 700 °C (Di Blasi, 2008; Neves et al., 201d)addition, in both cases the fuel
particle size used for the experiments is fineidsily below 200um. In FB gasifica-
tion and combustion, mm-sized particles are udsel témperature is higher than in
flash pyrolysis (750—900 °C) and the heating rathigher than in TGA or other lab
devices. Therefore, when data are taken from TGhash pyrolysis to represent the
behavior of biomass devolatilization in FB, somerection should be applied.

Devolatilization studies on biomass and waste founiiterature show that the prod-
uct yields depend to a large extent on the comiposdf the material employed, so
extrapolating devolatilization data from one fugkanother is questionable. The prod-
uct distribution obtained from various types ofrbass has been studied as a function
of the cellulose, hemicellulose and lignin contgitsBlasi et al., 2001; Mohan et al.,
2006). Catalytic effects of different mineral cornpds may also influence the prod-
uct yields. Results obtained with DSS in FB (Faettsl., 2009) showed that the CO
and CQ concentrations in the gas can differ considerdgiween sewage sludges
with different composition. Much work has been ddoe wood (van den Aarsen,
1985; Jand and Foscolo, 2005; Nunn et al., 198%oi®mn et al., 1989; Rath et.,
2002; Kersten et el., 2005). Comparatively lesskwexists on characterization of
contaminated biomass, residues and wastes (McDoahell.,, 2001; Scott et al.,
2007. Pyrolysis studies found in literature usuallyodpyields of char, tar and gas as
well as main gas species, although, sometimesyatas of water and different inor-
ganic contaminants and composition of tar can bedo

As a result of the many factors involved, theosdtigrediction of devolatilization is
complex. Recent reviews include detailed discussiothe various factors affecting
the devolatilization behavior of fuel particlesboth lab devices (Neves et al., 2011;
Di Blasi, 2008; Kersten et el., 2005; Gomez-Bared Beckner 2010) and commer-
cial fluidized beds (Gémez-Barea and Leckner 2020)evolatilization model aims
at obtaining the rates of generation of the difiéreolatile products, as well as the
yields of char, tar, light gas and water and th@masition of the tar and gas fractions.
Many different reaction schemes have been usedesoritbe devolatilization. The
most simple models represent pyrolysis by a singéetion or by a combination of
series and parallel reactions. First order kinetitshe different reactions are com-
monly used, although nth order expressions hawe lzen employed (Grgnli et al.,
2002). Thermal decomposition of wood has commomgrbexpressed as a single
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process, including three paralell reactions forrchgas and liquid formation, the so-
called “Shafizadeh” scheme (Kersten et el., 200%e kinetic parameters are ob-
tained by regression of yield versus temperatuta. dehe calculated activation en-
ergy is lower for char formation than for liquiddagas formation, predicting lower
char yields for higher pyrolysis temperatures. Adgstributed activation energy mod-
els where the activation energy is described byrmticuous distribution function
have been applied to fuel devolatilization (Stemgseal., 2001) These models can be
applied to obtain yields of tar, gas and char,they do not predict the composition of
volatiles. The models have been employed togethtr detailed transport models
(particle models) to predict devolatilization timasd product yields, but it has been
concluded that it is not possible to accuratelydjoteproduct yields for biomass pyro-
lysis from the available kinetics (Kersten et 2005). Other more complicated struc-
tural models have been developed for predictioryields and composition of the
main products (Gémez Barea and Leckner, 2010).

Despite a considerable effort has been made to Imiellatilization processes
(Chan et al., 1985; Agarwal et al., 1986; Peteralgt2003), an experimental ap-
proach is mostly used when facing the predictiomeaictor performance in biomass
combustion and gasification (Gomez-Barea and LeckZ@10). Detailed particle
models are not frequently used for fluidized bedutations. Instead semi-empirical-
or simplified particle models are used. Simplifieddels estimate the time of com-
plete devolatilization by considering the rate-timg phenomena. The yields of char
and volatiles and the composition of volatiles aoé predicted but they are estimated
separately by empirical relations based on expetiate@lata together with mass bal-
ances.

Empirical data or particle models can be appliedFBomodels together with some
limiting cases for mixing. For instance, in a bubylFBG, when the vertical trans-
portation (segregation) of fuel particles is rapapared to devolatilization, most of
the devolatilization takes place at the bed surfsmsause it is assumed that the parti-
cles keep floating once they have reached the bddce. In such a case, the gas
produced is directly influenced by the gas yieldsamed by devolatilization. In the
other limiting situation, when the devolatilizatids rapid compared to vertical fuel
mixing, most of volatiles are released in the bottmone of the bed. In this case, the
gas from devolatilization can be considered aginifas conditions for the process all
the way up the bed.

The aim of this study is to obtain devolatilizatidata useful for FBG modeling. The
devolatilization of various biomass and waste fueds carried out in FB using the
same experimental method. This enables comparistmelen the different fuels. The
distribution of products and conversion rate indtmosphere were measured and the
influence of the composition of the fluidizing gass studied. Also secondary gas
phase reactions was investigated by measuringitietids of the water gas shift reac-
tion (WGSR). The characterization of primary andosglary tar is out of the scope of
this work, but it is included in another thesisrizad out in the same project.

3.2. Experimental

Three main aspects were investigated, the deve&tdn in N-atmosphere, the in-
fluence of the composition of the fluidizing gasdakinetics of the WGSR. The
devolatilization in N-atmosphere was studied using three different tyffesxperi-
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ments. First, experiments for measuring the yieldshar and main light gas compo-
nents, CO, C§ CH, and H were performed and then the water yield was medsur
in dedicated tests. Experiments were also carnigdoocharacterize the shrinkage and
fragmentation patterns of the fuels during devbitation. The influence of the com-
position of the fluidizing gas was investigatedngsCO—N, and HO-N, mixtures as
fluidizing gas. The different types of experimeo#sried out are listed below:

< Devolatilization in N-atmosphere
. Determination of yields of char and light gas comgas and
devolatilization times.
. Determination of yields of water
*  Characterization of the shrinkage and fragmentadfdhe particle
* Influence of the composition of the fluidizing gas
* Kinetics of the WGSR

3.2.1. Material

Table 3.1 shows the chemical characterization ef gtx fuels used in this study.
Commercial wood pellets cylindrically shaped witimaan diameter of 6 mm were
used. The particle density of wood pellets was 1&§@7. The MBM, compost from
municipal solid waste (MSW) and agricultural resd2 were received as powders.
The agricultural residue 2 received was milled teize <6 mm and afterwards, the
fines with size <500 pm were separated. The agu@llresidue 2 as received had
high moisture content so it was dried in an ove(a®C for 48 hours before storage.
In order to enable devolatilization of MBM, compasid agricultural residues 1 and 2
in FB, avoiding entrainment of material, pelletsr&v@repared from these materials.
Pellets were prepared manually by compacting reéisee 1 g of MBM together
with 0.56 g of water, 2.1 g of compost and 1 gaxdheagricultural residue in a cylin-
drical mould with a diameter of 1 cm and applyingrassure of 50 bar. The pellets
made were dried in an oven for 24 hours beforedoased in the experiments. Dried
anaerobically digested sewage sludge (DSS) wasvestérom an industrial drying
plant processing the sludge from sewage treatnmantg Table 3.2 shows the parti-
cle size distribution of the DSS as received. Tadigle density was 1450 kgfmAs
received DSS comprises roughly 98% (mass bast$eisize range of 2.00-4.00 mm.
In this work the size range 4.00-5.00 mm (avera§evm) was studied as representa-
tive of behavior of the largest DSS granulatesadiition, a finer range 1.00-1.40
mm (average 1.2 mm), was studied to representdheecsion of fine granulates and
to obtain kinetic parameters. Two different ineetlbmaterials were employed in the
tests, ofite, a silicate sub-volcanic rock havindeasity of 2600 kg/frand an average
size of 0.5 mm and bauxite with density 3300 kband mean particle size of 0.375
mm.
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Table 3.2.Particle size distribution of as received DDS.

Sieve size, mn| Mass fraction, %
>5 0.75
4-5 0.28
2.8-4 54.86
2-2.8 39.44
1.4-2 3.70
1-1.4 0.71
0.5-1 0.21
<0.5 0.05

3.2.2. Experimental setup

Two different experimental rigs were employed ie #xperiments. The two experi-
mental setups are operated in the same way andhthay similar components, only
differing in size. The two different lab-scale blibg FB reactors employed are made
of stainless steel and consist of three partsehgating section, a reaction part (bed),
and a freeboard. The reactor is surrounded byeniridal oven and is equipped with
4 thermocouples and two controllers, allowing tbatool of temperature in the bot-
tom bed and freeboard. The main dimensions ofwleereactors are given in Table
3.3.

Table 3.3.Main dimensions of the two experimental rigs emplby

Reactor JReactor 7
Reactor diameter, mm 27 51
Reactor height, mm 150 200
Freeboard diameter, mm 52 81
Freeboard height, mm 200 250
Power oven, kW 4.6 10.0

The experimental setup is represented in FigureThé system is prepared for using
different gas mixtures as fluidizing gas. Steam \wgaserated by instantaneously
vaporizing a fixed flow of water. The steam genedalvas mixed with the other gases
before entering the reactor. The gas flows werasteld by means of mass-flow con-
trollers, whereas the flow of water was adjustedabgeristaltic pump, which was
calibrated before each test. The system is equipp#dtwo ball valves that allow
fuel batches to be fed from the upper part of #ator. The fuel falls through a stain-
less steel pipe to the upper part of the bed. Dtream of the reactor, the gas passes
through a cyclone where any entrained materiablected and then through a line
with different units for gas cleaning. The aim bé&tgas cleaning line is to avoid dep-
osition of tar compounds within the probe and totgct the gas analyzer. The com-
position of the gas was measured continuously Bjeanens analyzer using a non-
dispersed infrared method for CO, £and CH measurements and thermal conduc-
tivity and paramagnetic methods fop Bind Q measurements, respectively. The sig-
nals from the analyzer are transmitted to the cderjmed data acquisition system,
where they are monitored and registered.
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Fuel
L4
Electrical
|4 Gas oven
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= ) x
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Gas Analyzer Freeboard ‘
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Figure 3.1 Representation of the experimental setup

3.2.3. Experimental procedure

Determination of yields of char and light gas compoeents during devolatilization
in N>-atmosphere

The procedure applied during the experiments feerddning yields of light gas and
char was the following:

1. The FB reactor was heated by the electricalafterto the desired test temperature
under continuous flow of pure nitrogen.

2. The flow of nitrogen was adjusted to establighdesired fluidizing velocity.
3. A batch of fuel was fed to the reactor.

4. The devolatilization process was monitored umilCO, H, CO, or CH, was de-
tected in the gas (3-10 minutes depending on ttierfahbeing devolatilized).

5. At the end of the test, air was fed into reatwdsurn the remaining char.

The gas yield (overall or accumulated) of differepecies was calculated as the ac-
cumulated amounts of CO, GOCH, and H detected by the analyzer during
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devolatilization. The char yield was calculatedtastotal amount of carbon measured
as CQ and CO during the combustion of the produced char.

Determination of water yield during devolatilization in N,-atmosphere

For determination of the amount of water formedirmydevoltilization, the fuel was
devolatilized with N as fluidizing gas and the gases leaving the regotssed
through six impingers with isopropyl alcohol mainged at -20 °C. The amount of
water was then determined using Karl-Fischer taratThe batch size employed in
these experiments (30 g) was higher than for theraéxperiments (1-3 g) to ensure
that the concentration of water in the isopropgbabl was sufficiently high to have
accurate measurements. An increase in batch sraggdievolatilization from 3 to 30
g could affect the results, so the total mass eff émployed in each experiment (30 g)
was divided into batches of 5 g, that were deviatati in sequence.

Characterization of shrinkage and fragmentation paterns

For studying the shrinkage and fragmentation ofpbiéet, the fuel batch was devolat-
ilized under N flow using the same procedure as for the previowsscribed
devolatilization experiments, but instead of bugiithe produced char, after
devolatilization, the oven was switched off and thar was cooled down under a
reduced N flow. Then the material was examined to checksize and shape of the
particles.

Influence of the composition of the fluidizing ga®n devolatilization

These tests were carried out in the larger expertaheig (see reactor 2 in Table 3.3)
using N—CO, and N—H,O mixtures as fluidizing gas. The objective is tody the
influence of the composition of the fluidizing gaigring devolatilization on the prod-
uct distribution and conversion rate. The proceddmdlowed during the
devolatilization experiments with different fluidtig gases is described in the follow-
ing. First, the reactor was heated to the desegatperature with a continuous flow of
air. Once this temperature was reached, the flinigigas was switched to,Xb purge
the oxygen. Afterwards, the composition and floweraf the fluidizing gas were
established and the batch of fuel was fed to thetoe. During these experiments both
devolatilization and gasification of char take gaso the conditions of the feed gas
were maintained for approximately 25 minutes, which enough for the
devolatilization to be complete and for part of f®duced char to react with the
steam or CQ Afterwards, the feed gas was switched to airumtthe remaining char.

A blank test was performed to assess the effectsixifig in the gas exit line by in-
jecting a certain flow of C@into the fluidization gas (pure Nin a port situated in
the upper part of the FB. The effect of mixing wesl characterized by a first order
model, with a time constant equal to 13 s. Thisi@alias used to correct the concen-
trations of the light gas components measured &ygé#s analyzer.

Kinetics of the WGSR

The kinetics of the WGSR in the laboratory FB waesasured without fuel and inert
bed material in the reactor. Different gas mixturestaining N and two or more of
the following reactive gas components: £8,, CO and HO were fed to the reactor.
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The composition of the gas at the exit of the maetas measured continuously by
the gas analyzer (as explained above) and whennstaod gas composition was
reached various gas samples were taken and additrmasurements of the gas com-
position were made using a micro-GC.

First a number of blank tests were carried outrjgcting a certain flow of CQinto
the fluidization gas (pure )N The results of the tests where the,@@s injected just
below the distributor plate and at the exit of thactor were compared and it was
found that the reactor added a pure time delathaboplug flow could be assumed in
the reactor.

The stoichiometry of the WGSR is:
co+ HZOQ@j‘ ca+H (3.1)

The rates of the direct and inverse reactions ladien been expressed using first
order kinetics with respect to the reactive ga&¥ef et al., 1987; Biba et al., 1978).
The formation of CO can be expressed as:

reo =KiCe CH2 - kDCCOQ-go: K( Qq Q-g - KG, ng) 3.2)

BeingK the equilibrium constant :
K=— (3.3)

K is calculated as a function of temperature usiegfollowing expression (Yoon et
al., 1978):

K =0.0265 eX‘E%%sj (3.4)

The rate of formation of CO can be expressed ametibn of the concentrations of
the gas components in the feed gas and the coanerbiCQ, Xcoo:

K (Go, (17%)( G, ~Ga %)~ { Gt G [ Gt G %)) (39

The sub index f refers to the concentration ofdifferent gas species in the feed gas.
Assuming plug flow, as discussed above, the matmba over the reactor is ex-
pressed as:

Xco, d)%g

T =CCON J. -
0 CcoO

(3.6)
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The temperature is kept unchanged throughout tietae sds is constant and substi-
tuting Equation (3.5) in Equation (3.6) and afteamrangement, an expression for
calculatingk; is obtained:

T

K:

(3.7)

@ 3,
e fonle o ol G ol

Equation (3.7) can be employed to calculatfom the feed gas concentrations and
the conversion of COmeasured during the experiments &yaan then be obtained
from Equation (3.3).

3.2.4. Operating conditions

Experiments were conducted varying operating paren®euch as reactor tempera-
ture, fluidizing velocity, particle size and theeiof the fuel batch. Table 3.4 summa-
rizes the fuel conversion experiments carried dluding information about the
experimental rig, fuel and operating conditions &Eped.

Table 3.4.Experimental rig, fuel and operating conditions &ypd during the different
experiments.

Fluidiza-
. Experi- Tempera{Composition fluid-| tion ve- |Batch
Type of experiment . Fuel L . .
mental rig ture, °C izing gas locity, |[size, @
m/s
Wood |750, 800
! 0,
pellets | 850, 900 100% N 038 1.2
750, 800
! 0,
Rencior 1 MBM 850, 900 100 % N 0.8 1
Compost 750, 800 100 % N 0.8 2.1
Gas and char yield P 850, 900 ' ’
(devolatilization in N) 750, 800 0
DSS 850, 900 100% N 0.55,0.8 2
Agricultur- 750, 825 0
Reactor 2aI residuel 900 100% N 0.5 3
Agricultur- 750, 825 100 % N 05 3
al residue 2 900 ° '
Water yield Agricultur- 750, 825 0
(devolatilization in N) Reactor 2al residue Il 900 100% N 0.5 30
Influence offluidizing Agricultur- 750, 825, 55%N,+45%H,0,
gas composition Reactor 2aI residue Il 900 60%N,+40%CQ 0-5 3
3-10% CQ+
s 750, 825, 0-5% CO+4-9%
Kinetics WGSR Reactor R - 900 |H,+0-20% HO+N, 0.5 -
(the rest)
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3.3. Results and discussion
3.3.1. Shrinking and fragmentation behavior

Figure 3.2 shows the pictures of the various fyeler to devolatilization and the
corresponding char obtained after devolatilization.
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Figure 3.2 Pictures of (a) Meat and bone meal pellet and:tize generated after
devolatilization. (b) Wood pellets and the correxging char obtained after devolatilization
at various temperatures. (c) Compost pellets andattained after devolatilization. (d)
DSS granulates (as received), char after devdatitin and ash after complete combustion.
(e) pellets of a agricultural residue 1 and the ¢emerated after devolatilization.

For DSS, the ash obtained after complete combustiatso shown. The figure pro-
vides a qualitative judgment of the fragmentati@hdvior during devolatilization of

the fuels tested. MBM pellets (Figure 3.2(a)) shdwevere fragmentation. The orig-
inal shape and volume of the pellet were reducethdulevolatilization and a recog-
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nizable skeleton was no longer observed at theoétite process, in agreement with
previous work (McDonnell et al., 2001). Wood pell€Figure 3.2(b)) and compost

pellets (Figure 3.2(c)) were subjected to significahrinking during devolatilization

while fragmentation was not observed. The origislaape of DSS granulates re-

mained after both devolatilization and combustidtiggre 3.2(d)) though some
shrinkage occurred during the process, in agreemihtprevious findings (Scott et

al., 2007). The pellets of a agricultural residugrdke into a limited number of pieces
and some shrinkage was also observed (Figure 3.2(e)

3.3.2. Devolatilization in N,-atmosphere

Figure 3.3 show the yields of char, gas and coraten&ferred to the carbon, hydro-

gen and oxygen contained in the dry and ash fred, fobtained during the
devolatilization of wood, MBM, DSS as received ammpost in reactor 1.
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Figure 3.3 Yields of char (a) condensate (b) and gas (&inbtl during the
devolatilization of wood(), MBM (o), DSS ¢) and compost (+).
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The char yield was obtained from the CO and, @@asured during the combustion
of char, the gas yield includes the CO, £@H; and H measured during
devolatilization and the condensate yield was dated by difference and includes tar,
water and light hydrocarbons (other than methane).

Figure 3.4 show the yields of char, gas and coraten®btained during the
devolatilization of agricultural residue 2 in reacg.
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Figure 3.4 Light gas, condensate and char yields, refewete carbon, hydrogen and
oxygen contained in the dry and ash free fuel olethduring devolatilization of agricul-
tural residue 2, note that the light gas yieldnsven on the right-side vertical axis.

The water yield was only measured for the devadation of agricultural residue 1.
For this fuel, the products were divided into gawr, water and tar. The tar yield was
calculated by difference and includes tar and Iigittrocarbons (other than methane).
Figure 3.5 show the yields of char, gas, water tandreferred to the carbon, hydro-
gen and oxygen contained in the dry and ash fred, fobtained during the
devolatilization of agricultural residue 1 in reacg.

The repeatability was reasonably good for all fueih the exception of compost.

The lower repeatability observed for compost washbated to the heterogeneity of
the material. As expected (Jand and Foscolo 20&fzligol et al., 1982; Nunn et al.,

1985; Fagbemi et al., 2001) the gas yield increag#s temperature, whereas the
condensate and char yield decrease for all fudleugh, the char yields varied less
with temperature than the condensate and gas yieisg practically constant for

some of the fuels. For wood, the decrease of tineleusate yield with temperature
was less pronounced than for the other materialssistent with previous work (Di

Blasi et al., 1999), arguing that the tar from watkss reactive than tar from various
agricultural residues. Somewhat similar conclusieese made in (Rath et al., 2002),
observing that some tars from the pyrolysis of weade practically unaltered even
under very high temperature and residence timeaklrdne materials studied, the char
yields obtained were close to the fixed carbon @anf(daf basis) given by the proxi-
mate analysis (see Table 3.1). The char yield jeeted to be closely related to the
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biomass composition, especially to the lignin cahi@®i Blasi et al., 1999; Antal et

al., 2000) though, the presence of different inniga@pecies and physical properties,
such as particle density and thermal conductivitgy also affect the product yields
(Di Blasi, 1997). The highest char yield was oledirior agricultural residue 2, which

is consistent, since this fuel is expected to Hagh lignin content. It has been point-
ed out that high ash content in DSS and the presehemetals could favor gas for-

mation at expenses of char formation (Fonts e2@09) However this is not obvious

from our observations.

24 65
- <© Char O Tar O Water AGasi
ey
2224 A
= d 60
X ] -
- 20 E”
5 g
[0}
> 187 S
2 ol :

Y [<}]

= 16 =4
—_ [}
[0} ©
T 14 ]
R
g 12
(@]

10 + T + 40

750 825 900

Temperature, °C

Figure 3.5 Light gas, water, tar and char yields obtainedrdudevolatilization of ag-
ricultural residue 1, note that the light gas yisldhown on the right-side vertical axis.

The volume fractions of the main species in the(g@&3, CQ, CH, and H) measured
for wood, MBM, DSS and compost at the temperatstesied are represented in
Figure 3.6 and figure 3.7 shows the gas compositib@asured during the
devolatilization of the two agricultural residuespoyed.

For all the fuels, CO is the main light gas comptrand the variations in gas compo-
sition with temperature are generally small. Woadeyhigher CO concentration in
the gas than the other materials. These obsergadi@in agreement with those given
in (Di Blasi et al., 1999), where higher CO yiekltsd were measured for wood, com-
pared to various agricultural residues.

Correlation of yields as a function of temperature

To provide with a simple way to numerically comptite char, water, tar and gas
yields, as well as the individual yields of CO, £QGH, and B measured in this work,

the product yields and gas composition were fitted quadratic function of tempera-
ture (T in °C):
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2

T T
= — — 3.8
Y, 3o+31.|. +3z.|_ (3.8)

ref ref
beingy; the light gas, tar, water, condensate or chadyel % weight), referred to
the C, H and O in the daf fuel, or the CO, £0OH, or H, concentration in the light

gas (volume %) and, =500 °C. Equation (3.8) is useful for gasificatimodeling.
The values of parameteag, a; anda, are shown in Table 3.5.
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Figure 3.6 Experimental composition of the main componentthée gas (volume frac-
tion): CO (a), CQ(b), CH, (c) and H (d), during the devolatilization of woo&)( MBM
(o), DSS ¢) and compost (+).
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agricultural residue 1 (a) and agricultural residu®), note that the CO concentration is
read on the right side vertical axis.

Time of devolatilization

The conversion timeg obtained for the different materials was calculads the time
needed for 90% of the total amount of gases tovevad, for different materials
measured in reactor 1 is shown in Figure 3.8.
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Figure 3.8 Times for 90% conversioly, for wood ¢), MBM (o), DSS as receivea] and
compost (+).
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As expected, the conversion times decreased witteésing temperature. Compost
gave significantly longer conversion times than diker biomasses, especially at
lower temperatures, while wood presented the lowahites. In Figure 3.8(b) the
compost has been removed allowing clearer obsensabf thety, for wood, MBM
and DSS. The influence of the moisture contenthendevolatilization times is ex-
pected to be small since the moisture content afdvand DSS is low and MBM and
compost were dried before the tests.

Influence of the particle size

In Figure 3.9 the time to reach 60% conversigg,is represented as a function of
temperature for the three particle sizes of DSS8istli(as received, 1.2 mm and 4.5
mm). The choice ofy, instead oftgy to compare the effect of size was made because
the determination of the time to reach higher cosioa than 80% led to high scatter-
ing of data (in fact this occurred also in previowsk (Scott et al., 2007)). As can be
seen in Figure 3.9¢ increases with increasing particle size. It isatoded that the
effect of particle size is more significant thae temperature.

35
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Figure 3.9: Time for 60% conversiortg, for DSS as a function of temperature;
DSS as received), 1.2 mm particles() and 4.5 mm particleg\}.

Figure 3.10 shows the char (Figure 3.10(a)) and(g@gire 3.10(b)) yields obtained
for two particle sizes of DSS, 1.2 mm and 4.5 mme Targer particles gave some-
what higher char yields and slightly lower gas gslin agreement with previous
works (Jand and Foscolo, 2005; Rapagna and L&¥7)L The effect of particle size
on the gas composition, however, was found veryllsma

For the wood pellets, the diameter was kept cohgtamm), but the length of the
pellet was varied. Several tests were carried aunging the pellet length maintaining
the batch size and no significant effects were doaither on product yields or on
conversion times.
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Figure 3.10: Effect of particle size and temperature on thédgief char (a) and gas (b) for

DSS.

3.3.3 Influence of the composition of the fluidizig gas

In order to study the influence of the compositiaf the fluidizing gas,
devolatilization experiments were carried out usimgtures of 45% volume of steam
in N, and 40% volume of COn N, as fluidizing gas, and agricultural residue 1 as
fuel. During these experiments, both devolatil@atand gasification of the produced
char with steam or CQoccur. To study the influence of the fluidizingsgan
devolatilization it is therefore important to bdealp separate these two processes. To
visualize the different stages of fuel conversgemple mass loss curves were calcu-
lated for the tests using different fluidizing gasEigure 3.11 shows the sample mass
loss curves obtained with the three different flzig gas compositions at 825 °C.
Figure 3.11 represents(t)/m, as a function of time, beingy the initial mass of C, H
and O in the dry and ash free sample arfy=my-m,(t), wherem,(t) is the total mass
of light gases evolved from the particle up to tim@hese mass loss curves do not
take into account the mass loss due to tar and i@tmation during devolatilization,
but they are useful for visualizing the results.

Figure 3.11 shows that the mass loss curves oltaiith N,-steam mixture and N
CO, mixture have two distinct sections with differeates of mass loss, so overlap-
ping in time between devolatilization and gasificatof char is limited. This result is
not unexpected since the flow of volatiles outtwd particle during devolatilization,
prevents the fluidizing gas to penetrate intotitcdn also be seen that for the first
stage, when devolatilization takes place, the nass curves are similar for the dif-
ferent fluidizing gas compositions, so the composibf the fluidizing gas does not
influence the devolatilization rate. Similar resultere obtained at the other tempera-
tures studied (750 °C and 900 °C).
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Figure 3.11:Sample mass loss curves obtained during devakiidin of agri-
cultural residue 1 at 825 °C using different comipass of the fluidizing gas.

The influence of the fluidizing gas compositiontbe formation of the different light
gas components was also studied. The producticheoflifferent species in mol/s
measured with different fluidizing gases was coragaout no significant difference
was observed. Figure 3.12 represents the CO prioduas a function of time meas-
ured for different fluidizing gases at 825 °C.

10

100% N, O
40% CO, A
45 % Steamo

molCO/s - 10

Figure 3.12:Production of CO during the conversion of agricidtuesidue 1,
mol/s- 1¢, measured at 825 °C using different compositiortsefluidizing gas.

As discussed previously, the composition of thafhing gas may affect both prima-
ry and secondary reactions during devolatilizatibpenetration of fluidizing gas into
the particle is limited, the influence on primagactions can be expected to be small.
On the contrary, at temperatures above 800 °Graties of secondary reactions, such
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as the WGSR can be high. If these reactions wepmitant, the production of the
different gas species should be affected by thepoasition of the fluidizing gas em-
ployed. No such effect was observed here. One isurgrresults is that the produc-
tion of CO is not affect by the addition of 45 %a in the fluidizing gas. Using
WGSR kinetics from literature often used for gasifion modeling (Biba et al., 1978)
it is predicted almost complete conversion of tl@ @oduced during devolatilization
before it leaves the reactor.

3.3.4 Kinetics of the WGSR

The kinetics of the WGSR was determined using tlethod to obtain the kinetic
constant of the inverse WGSR, presented in section 3.2.3, given by Equation)(3.
The kinetic constant of the direct reactiég,can then be calculated from Equations
(3.3) and (3.4). The Arrhenius plot of thevalues obtained experimentally is repre-
sented in Figure 3.13. Also the kinetics given lilyaBet al. is shown for comparison.

-0.2 1

Biba et al.
-0.4 1

u]

-0.6 1

0.8 This work

Ln(k;)

a

-1.2 1

-1.4 1

-1.6

8.5 9 9.5 10
1/T-10

Figure 3.13: Arrhenius plot for thds values measured at different temperatures antthéor
kinetics given by Biba et al.

The kinetic parameters obtained from the Arrhelpios of the experimentdd values
are:k,=141.3 n¥/(mol s) andE,=54.2 kJ/mol.

The averagé; values measured at each temperature are comueatteel values calcu-
lated from (Biba et al., 1978) in Table 3.6. Alée treaction rateco, measured for a
gas containing 10% G{and 9% H on a volume basis, the rest being Was com-
pared to the rate calculated using the kineticsfBiba et al.



Devolatilization in FB 51

Table 3.6.Values of the inverse reaction constenmasured in this work and
calculated from the kinetics given by (Biba et 4878).

Temperature, °C ki, m3/_(mol s) ki, _m3/(mol s) |rco mql/(m3 s) rco,_moI/(m3 s)
experimental Biba et al. experimental Biba et al.
750 0.241 0.498 0.309 0.637
825 0.373 0.718 0.414 0.918
900 0.545 0.988 0.530 1.264

The reaction rates measured here are lower tharatbe obtained from the kinetics
given by Biba et. al. but they are of the same nodenagnitude. The rates measured
here are significantly higher than the rates mesbwithout the presence of catalyst
and in a reactor made of quartz (Bustamante e2@04), indicating that the reactor
walls can act as catalyst for the reaction, in egrent with (Chen et al., 1987). In a
FBG the rate of the WGSR may be higher than thesrateasured here, because dif-
ferent solids such as bed material and ash can ¢etedytic activity for the WGSR
(Chen et al., 1987) and therefore using the kisagiwen by Biba et al. for modeling
of a FB gasifier seems reasonable. More measuremséould be conducted to com-
pare different materials for realistic simulaticnFBG.

3.4 Theoretical analysis of the devolatilizationfovood and DSS

A simple model has been developed to study the mbdenversion of a single fuel

particle during devolatilization of DSS and woodan FB. The model has been de-
veloped in order to assess the influence of inteana external mass transfer and
chemical kinetics on the rate of devolatilizatiohdifferent fuels and particle sizes.
The model does not predict the distribution of prtd.

3.4.1 Model development

The devolatilization of a particle is thermally wi¥n. The evolution of the field of
temperature within the particle is described by plsetial differential equation of
transient heat conduction with heat sources. Hns, considered that the heat of
pyrolysis is small (Scott et al., 2007; Pyle andafal1984) and that the fuel moisture
does not affect the particle heat up due to the dwisture content of the fuels ana-
lyzed (see Table 3.1). In this way the temperatlis&ibution during heating up of a
particle can be approximately calculated withouhsidering the thermal effects of
pyrolysis and drying. The fuel properties and thetiple size were assumed to remain
constant during devolatilization and equal to thoséhe virgin biomass (Leckner et
al., 1999). This hypothesis was taken following titeservation of previous work
(Leckner et al., 1999) and from the results showRigure 3.2. Despite the variation
of properties during conversion may be significatultaneous effects caused by
variations in specific heat capacity and densitsirdpdevolatilization are assumed to
compensate each other for the calculations condeimehis work. An additional
assumption made is that the heat flux due to tiwextive mass flux associated with
the volatiles released is neglected (Leckner et1899). Most of the assumptions
made in this work have been proven to be sufficfentfirst estimates (Jand and
Foscolo, 2005; Pyle and Zaror, 1984; Gomez-Barda aakner, 2010; Dupont et al.,
2007). After these simplifications the temperatfiedd at different times is obtained
by solving:
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C pa_T —/] 62T +£)6_T (3 9)
ot "lar? roar '
oT
—=0 a0 (3.10)
or
oT
Aeff E = h(de - T) atr=R (3.11)
T=T, at0 (3.12)

whereT,, Tpq are, respectively, the initial (ambient, 20 °Cildhe bed temperaturb.
is a geometric factor, being equal to 1 for annitdi cylinder (for the simulation of
wood pellets) and 2 for a sphere (for the simufatid DSS granulates). The solution
of Equations (3.9)-(3.12) can be expressed indha:f

T —T(r,t) _

O, )=
( dEV) de _To

f (Bi,Fo) (3.13)

Fo is the Fourier number defined Be= leﬁt/(pchz) andBi is the Biot modulus for
heat transfer, defined &=hR/. Ris the radius in spherical and cylindrical parti-
cles whereas it is half of the thickness in a flatticle. Once the temperature is
known, the local conversioNye, defined asXge=(0o—)/(p5—p), iS calculated assum-
ing a first order global reaction to describe th&slof mass by pyrolysis:

1 oX 1 0
o = L=k, (3.1
(1-X,) ot (o-p.) ot
wherekge, is a kinetic constant following the Arrhenius farm
K, = Ay BXP —i (3.15)
dev ev RgT .

The degree of pyrolysis conversigg, is calculated by integrating the local conver-
sion, Xgey throughout the particle:

b+1
Rb+1

R
Xgeul0) = = | TP X o (1 1) O (3.16)
0
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To obtain the temperature fields within the paetiahdxye, at different times and the
evolution of x4, With time during conversion, the model represertgdEquations
(3.9)-(3.16) was integrated numerically.

The effective gas-particle heat transfer coeffitidn is calculated by considering
only convection (Dupont et al., 2007) using twofetiént correlations: the Ranz and
Marshall equation (Ranz and Marshall, 1952) giverEquation (3.17) as well as a
specific correlation derived for fuel conversioniB (Equations (3.18) and (3.19))
(Leckner, 2006; Palchonok, 1998) were used. EqudB8al8) is valid for large parti-

cles being converted in a FB of fine inert matesal it is applicable for wood pellets
and for 4.5 mm DSS granulates. For 1.2 mm DSS dmtes) Equation (3.19) devel-
oped for particles of similar size to that of therit bed particles in an FB, is applica-
ble.

Nu, =2+ 0.6Pr”Re" (3.17)
Nu =0.85A1*** + 0.006A[*°Pr ** (3.18)
Nu, =6+ 0.117Af*Pr®* (3.19)

There are significant differences betweenhtubtained from Equations (3.17)-(3.19).
Equation (3.17) is an expression developed forlsiphgase flow and the values given
by this expression are expected to be lower tharatuah in FB, where heat trans-
fer is enhanced by the circulation of inert paeticl Equations (3.18) and (3.19), on
the contrary, give maximumdu values at optimum fluidization velocity. The adtha
values for the experiments in the present workmeeted to be intermediate between
the values given by Equation (3.17) and Equatich&8) and (3.19) because in a
small lab FB with the fuel fed at the top, it is shdikely that the fuel particles stay
most of the time at the bed surface during deJdation (Leckner et al., 1999;
GOmez-Barea and Leckner, 2010). Also, the heastearroefficient may be different
in small scale fluidized beds compared to largatescdue to differences in gas flow
patterns, which affects the movement of solids.

The properties for wood pellets were obtained friireckner et al., 1999), where
commercial wood pellets with similar size were cented in an FB. The properties of
DSS were estimated assuming the thermal diffusoftipSS to be intermediate be-
tween those of wood and silica (Scott et al., 2007)

Various kinetic data df4e, for wood and DSS pyrolysis are shown in Table Qlie
residue is also included as representative of ditefuel materials. As seen, there is a
great variation even for wood. This is explainedttyy way to obtain the kinetics by
different researchers and also because the repatisenof pyrolysis by a first-order
global expression is a rough approximation. Asultethe choice between one ex-
pression and another is difficult. This is discasbelow for the specific fuels simu-
lated.
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A scaling analysis to preliminary assess the lmgitnode of conversion and a simpli-
fied model to estimate the conversion time duriBgdevolatilization of wood pellets
and DSS is shown in the Appendix.

Table 3.7.First-order kinetics models of pyrolysis given itedature for various fuels

Eadev kdev (l/S)
Source Fuel (J/kmol) Adev (l/S) 500 °C 800 °C

DaVIdzsggg etk Wood 1.781¢° | 1.90102 1.810° 4.210°

Brink a’l‘g;\gass"”d" White fir 1.0510° | 2.6410° 2.1:10? 2:10°

Jand and Foscolo,

an 2%05 0SC00. | Beech wood |  2.05107 15 6.2:102 1.510%
Kosstrin, 1980 Sawdust 1.831¢° 1.0010% 4.3-10° 1.2-10*
Biagini et al., 2002 Olive residug 1.141C° 3.27-10° 6.6-102 9.310°
Scott et al., 2006 DSS 2.8410° 1.8610% 1.2.1¢ 2.810°

3.4.2 Wood pellet simulation

Wood pellet was assumed to be an infinite cylindteigrder to apply the model de-
veloped. This assumption has been shown to yietd gesults under FB combustion
conditions as long as the length to diameter ratiarger than 3 (Sreekanth et al.,
2008). The validity of this simplification was vied since no difference was ob-
served in the conversion times measured using létpEl 25 mm and two pellets of
12.5 mm length.

The experimentalye,was defined as:

Vo (t
Ko = Vi () (3.20)

vol,

Vyoi(t) andV,, ., being respectively, the accumulated mass of Vetatheasured up to
a timet and that after complete devolatilization.

Figure 3.14 shows the temperatures at the surfadeentre of a wood pellet, calcu-
lated using the model and the conversion determegxrimentally from Equation
(3.20) for a bed temperature of 800 °C. The laitferdnces between the two temper-
ature curves indicate that intraparticle tempegatgradients are important during
devolatilization of wood pellets. In addition, # observed that conversion is almost
complete (>95%) when the particle centre is sélblv the bed temperature (<750°C).
This indicates that heating up of the particle tiyemfluences the devolatilization
process.

For simulating the evolution of conversion durihg devolatilization of wood pellets

the apparent kinetics determined by (Jand and Fms2005) (see Table 3.7) was
used because it was obtained in very similar satupoperating conditions. A com-

parison between the results of the simulation &edcbnversion versus time curves
obtained experimentally is shown Figure 3.15.
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Figure 3.14: Temperatures at the surface and centre of wodetpeklculated with the
model f=160 W/(nf K)) and experimental conversiof,§=800 °C).
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Figure 3.15: Comparison between simulated (solid lines) and riaxeatal (dashed
lines) conversion curves for devolatilization ofadopellets at four bed temperatures.

The model reproduces the conversion of wood peflatyy well during the whole
range of conversion for all temperatures.

A sensitivity study was carried out varying theued of the parameters that were
assumed to have the most important effect on theassion times and whose deter-
mination can be assumed to be less certaifley, Eigew and Agew The uncertainty
related to the estimation of tlog andp values is assumed to be less important, be-
cause their values in literature vary less thasseéhaf other parameters. For the sensi-
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tivity study the values of the parameters wereedariithin a range of values found in
literature. The effect of the kinetic parameterswtudied by varying £50% th&,ge,
and Ay, values from(Jand and Foscolo 2005). The high and low h vahresthe
values calculated from Equations (3.17) and (3.6&3pectively. The effect of apply-
ing other kinetics was also studied: parametersrghy Brink et al., Davidsson et al.
and Kosstrin (see Table 3.6) instead of those gbygdand and Foscolo, 2005) were
used. The results of the sensitivity analysis hmenvs in Figure 3.16.

The results in Figure 3.16 show that both intearad external heat transfer are im-
portant, which is consistent with Figure 3.14. Fegu3.16(a) and 3.16(b) also indicate
that the choice of kinetic parameters is importdite fact that,., is the most im-
portant parameter in Figure 3.16(a) does not intpst the process is controlled by
devolatilization kinetics. The choice of kineticrpmeters will determine the tempera-
ture above which the devolatilization can be cosr®d to be fast, so even if the pro-
cess is controlled by particle heat up, the kinpacameters will have a great influ-
ence on the devolatilization time, as discussdtiérsection 3.4.2.
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Figure 3.16: Percentage variation tf calculated from the model (a) when varying the

parameters given at the bottom of the chart, betves&reme values found in literature

and (b) when employing kinetic parameters givemliffgrent authors shown in Table

3.7, @) % variation with the low parameter valum) ¢ variation with the high param-
eter value.

3.4.3 DSS simulation

To elucidate the way of conversion of DSS grangldéte model was applied to simu-
late the temperature profiles of DSS granulatek tie largest and finest sizes of the
DSS received (1.2 and 4.5 mm). Each graph of Figut& includes the evolution

with time of the experimental conversion as weltt@ssimulated temperature at both,
particle surface and center. Figure 3.17(a) comedp to DSS particles of 1.2 mm,
whereas Figure 3.17(b) stands for DSS particlet®Mm. Figure 3.17(a) shows that
1.2 mm DSS granulates are heated up so quicklythieatemperature at the centre of
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the particle is already at 790 °C when the converss only 10%. Moreover, the
temperatures at the particle centre and at thécjfgagurface are very similar during
the whole conversion process, so that intrapartieieperature gradients are small.
Figure 3.17(b) shows that for 4.5 mm DSS particlesaparticle temperature gradi-
ents are more significant than for 1.2 mm partidbes still small, so the particle heat
up is mainly influenced by external heat transty.comparing the two graphs of
Figure 3.17 it is seen that the conversion of 41 particles proceeds slower than
that of 1.2 mm patrticles, indicating that the detitization rate is significantly af-
fected by the particle heat up for coarse particles

In Figure 3.17(a), it is observed that from arowpng=0.15, the pyrolysis kinetics can
be considered to control the overall conversionis T explained by the following
observations: (a) the temperature gradients irtbiel@article are small, S, can be
considered to be the same throughout the partaiegme and equal tgye,; (b) since

the evolution of the process is still limited whéme particle has approximately
reached the bed temperatuflgy, most of the volatiles can be considered to be re-
leased aff,y throughout the particle. Then the pyrolysis kioetbefficientkye, at the
bed temperature can be approximately obtained tegiating the expression in Equa-

tion (3.21):
1 1
kdev(Tb) = t In 1_ (321)
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Figure 3.17:Simulated temperatures at the surface and theecefithe DSS particles
(solid lines) and experimental conversion (daskmesk) afT,=800 °C andi=0.8 m/s. (a)
1.2 mm DSS particles, (b) 4.5 mm DSS particke260 W/(nfK) for 1.2 mm particles

andh=185 W/(nf K) for 4.5 mm particles).

For bed temperatures lower than 800 °C (Figure (8)17corresponds to

devolatilization at 800 °C) the kinetic regime vk reached at even lower conver-
sions. Figure 3.18 showige, versus In(1/(1x4e)) for experiments carried out with 1.2
mm DSS particles at 750 °C and 800 °C. The pomtBigure 3.18 are apparently
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arranged into two lines, suggesting that for conversions below and above 0.70 are
different. This means that there are two differdominating processes during DSS
thermal conversion. DSS may contain a number déifiit material fractions with
different devolatilization kinetics. As a conseqoenthe composition of the uncon-
verted material could change during conversiondifen to a modification of the
global devolatilization kinetics. Another possileleplanation for the change in kinetic
behavior at high conversions is the partial sinigiéf some material, obstructing the
flow of volatiles outwards. The observed fact ttied conversion rate is not affected
by the bed temperature for conversions above 70-80%.5 mm particles, supports
this thesis. Thége, and Ege, fOr Xge<0.7 andxy>0.7 obtained from Figure 3.18 are
shown in Table 3.8. These values vary largely caegpao those from (Scott et al.,
2006), concluding that the devolatilization kinstiof the DSS tested in this work is
much slower than the DSS tested by Scott et al.
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Figure 3.18: Time of devolatilization to reach conversigg, tygevas a function of
In(1/(1xgey) for tests conducted with 1.2 mm DSS particled laed temperatures be-
tween 750 °C and 800 °C.

Table 3.8.Values for the pre-exponential factdyg,) and activation energ¥qe,) obtained
by applying Equation (3.21) to experimental resalisained at 750 °C and 800 °C using 1.2
mm DSS particles.

Conversion range Egev (J/kmol) Agev(1/8)
0.15X¢e<0.7 3.6310 4.95
0.7<X¢e<0.9 5.3510' 16.15

The kinetic parameters in Table 3.8 were givempstito the model presented above
to calculate the conversion as a function of tioreafs received DSS and 4.5 mm DSS
particles. The results are displayed in Figure 3vih@re the simulated conversion-vs-
time curves are shown for various bed temperatukssseen the curves calculated
with the model compare well with the experimentaég, indicating that the model
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developed can be used to simulate the devolatdizgirocess of DSS in an FB pro-
vided the kinetics given in Table 3.8 is used.
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Figure 3.19:Conversion of DSS particles calculated from the ehgsblid lines) and conver-
sions obtained experimentally (dashed lines). §akaeived particles (3.3 mm mean size), (b)
4.5 mm particles.

3.5 Conclusions

In this chapter, literature on devolatilizationtddmass and wastes has been reviewed.
It was found that the distribution of products dhe conversion rate depend to a large
extent on the composition of the fuel and on therafing conditions employed,
mainly heating rate, temperature and particle si&nce the modeling of
devolatilization and prediction of product yieldsa FBG is a complex task, pseudo-
empirical approach has been applied. The devaatitin of various biofuels in N
atmosphere (wood, meat and bone meal, compost dewage sludge (DSS) and
two agricultural residues was studied in a labesdhlidized bed (FB) between 750
and 900 °C. The yields of char, condensate and tjigh, as well as the gas composi-
tion and the time of conversion during devolatiiiaa were determined for the differ-
ent fuels. The yields and gas composition wereetated with bed temperature for all
fuels (Table 3.5). These correlations, togetheh wie devolatilization rate are useful
for modeling FBG.

A simple model was developed to understand the nuddmnversion of DSS and

wood pellets. The heat up of DSS particles was dotmmbe mainly influenced by

external heat transfer, while for wood pellets biotiernal and external heat transfer
were important. The devolatilization of fine DSStmdes was found to be controlled
by pyrolysis kinetics during most of the conversjariod, so the Arrhenius parame-
ters for first-order devolatilization kinetics wedletermined within the lower tempera-
ture range (Table 3.8). These kinetic parameters weccessfully applied to simulate
the conversion of larger DSS particles at diffetentperatures.

Experiments were carried out using-N,O and N-CO, mixtures to study the influ-
ence on the results of the fluidizing gas compasitiuring devolatilization. No sig-
nificant influence was found and the overlappindinme between devolatilization and
gasification of char was small. These results iadicthat the product distribution
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measured in Natmosphere can be employed for FBG modeling arad the
devolatilization and gasification of the producdthic can be assumed to occur in
series. These simplifications are applied in thel@haf the three stage gasification
system in chapter 5.

Kinetics of the water gas shift reaction (WGSR}he lab FB was investigated and
the results obtained were in the same order of imatgas kinetics found in litera-
ture frequently applied to gasification modelindieTcatalytic effects on the WGSR
of different materials present in an FBG shouldurther investigated.
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Appendix: Scaling analysis and estimation of the delatilization time

A scaling estimation through dimensionless numieraade to preliminary assess if
limiting mode of conversion during FB devolatilizat of wood pellets and DSS
granulates can be identified using data from liteea This is done by computation of
the Biot modulus for heat transfeBj, and Damkohler number for devolatilization,
Dagey (Pyle and Zaror, 1984Bi, defined aBi=hR/A.g, quantifies the thermal behav-
ior of the fuel particles by comparing the rateertiernal and internal heat transport,
respectivelyh/(pc,R) and ){eﬁ/(pchz). If Bi>>1, the particle heating is limited by
intapartle heat transfer and Bi<<1, the external heat transfer is rate limitingr F
comparing the particle heat up and the devolatitrakinetics, whenBi>1, the
Damkohler number of pyrolysis, defined asdQ;kdeVochZMeﬁ, that compares the
rates of pyrolysis kineticdkge, and internal heat transfer is caulated and vBiend,
Dage/Bi, which compares the rates of pyrolysis kineticd arternal heat transfer is
used. ThéDage,value depends on the temperature at wkighis calculated. Since the
temperature at which devolatilization occurs is kebwn a priori,Dage, is usually
evaluated at the bed temperature.

The Nusselt numbeNu, obtained from Equations (3.17)-(3.19) and the cpoad-
ing h andBi values calculated for wood pellets and DSS withr@i/s gas velocity, at
800 °C, are shown in Table 3.9. Since the woocktselire cylindrically shaped, the
particle diameter was replaced wisld., in Equation (3.17), beind.q the equivalent
diameterde,= (6V,/n)*anda the particle sphericityg=nde./S,.

None of the two limiting situations given IBj (Bi>>1 orBi<<1) can be clearly estab-
lished for the fuels and operating conditions tstethe present work. Rough guides
can, however, be established: given the relatil@lyBi number for DSS, the exter-
nal heat transfer should have a significant infageepn the particle heat up. Similar
results were obtained in (Scott et al., 2007) bydemting tests with DSS particles
with sizes in the range of 0.65-8 mm. In contrgaten the relatively largeBi ob-
tained for wood pellets, the internal heat transfdr greatly influence the particle
heat-up and large temperature gradients will begimeduring the devolatilization of
wood pellets. This agrees with the results obtame@hunman et al., 2001).

To compare the rate of heat transfer with devatatilon kinetics, théaye, calculat-
ed using the kinetics from Table 3.7 is presentedidble 3.9. The rati®ay./Bi for
DSS particles was also calculated for the casesenBigl. For Daye,andDage/Bi,
instead of a single value, a range of values isgmied in Table 3.9, resulting from
the various kinetics (four for wood and one for D$Sce Table 3.7) and the two
values ofh. As seerDage, is high for all cases, no matter what kineticcomrelation
of h is used. The lower bound for wo@h, (12.21)is obtained using the kinetics
given by (Jand and Foscolo 2005), which yieldsltiveestkge, at high temperatures
(see Table 3.7). Note thBge,is computed at bed temperature so a temperafgg,
betweernT, andT, whereDage,becomes high is likely to exist, in other worderthis

a Tgev (Tge<Tp) @above which devolatilization is very fast comghte the heat up of
the particle.
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Pyrolysis can be considered complete when thegadentre has reachdg,, (Pyle
and Zaror, 1984; Leckner et al., 1999; Scott e28i07).

In this scenario, the devolatilization can be assiito be completed once the particle
(the center in case of thermally thick particlea¥ theated up t®g4, and the time of
conversion can then be estimated by the time fatihg a particle up tdge, (GOMez-
Barea and Leckner, 2010). This simplification ca&ndspecially useful for engineer-
ing applications, for which it is often enough teegict the time of complete
devolatilization. The time needed for particle haptcan be calculated by making
asymptotic approximation of the two coefficientgegring in the first term of the
Fourier series of the exact solution in Equatioi 3} (Ostrogorsky, 20099 give:

1
te, =7, —1In (L] (3.22)
1 O(Tdev)

O(T4ey) being the dimensionless temperature defined as:

T,-T
O =7 (3.23)

bd 0

Expressions for calculating, and x, (the two coefficients of the first term of the
solution expressed in Fourier series) are showralrlie 3.10.

Table 3.10.Values of parametefs andu,in Equation (3.22).

0 <Bi<2 | 2<Bi<w

aBi | _&Bi
"\ 1eBiva, |Bita,

Bi Bi
M2 1+— as
a, Bi+a,

D | Y | X a3 A4 a5 3
Plate 1] 3 7 /2 0.95[ 1.273[ 0.1
Cylinder | 2 | 4 4 | 2.4048 1 1.602 0.3b
Sphere | 3 [ 5] 3.5 T 1.1 2 0.65

Equation (3.22) can be used for both fine and lpapticles. For thermally fine parti-
cles, however, intraparticle temperature gradiemes negligible, and a simpler ex-
pression can be used to estimaie
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1
t, =7,In ( j (3.24)
G)(Tdev)

To estimaté€l e, the condition Dg,~=1 or Da./Bi=1 is used:

E
— e (3.25)

e TR (A7)

7 being the characteristic time for heat up, estudty Equations (3.26) and (3.27):

_/e,2R

eh

forBi<1 (3.26)

pc, (2R)°

eff

T, = for Bi>1 (3.27)

ih

Figure 3.20 compares./z, calculated by the approximate and numerical smhsti
for various values dBi and two®qe, showing that the approximation given in Equa-
tion (3.22) is excellent foBqe, typical of FB fuel conversion at high temperature
(combustion and gasification).
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Figure 3.20: Comparison betweeg,, calculated by the approximate (lines in the figumed
numerical solution (points in the figure) for varvalues oBi and two@ye,, typical of FBG.

Figure 3.21 shows a comparison between the expetaing, and devolatilization

times calculated using the approximate model desdrabove and various pyrolysis
kinetics for wood given in Table 3.7. As seen, Boum(3.22) gives a good prediction
of tyousing the kinetics of Brink et al., whereas theeagnent is poor when using the
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kinetics of (Jand and FoscoRD05). The use of Kosstrin’s and Davidsson’s koseti
yields intermediate results.
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Figure 3.21:Comparison between, obtained experimentally] andtge, calculated
from Equation (3.22) and employing devolatilizatkinetics from literature:Q)
Davidsson et al. A) Kosstrin, () Brink, (x) Jand and Foscolo.

As explainedtye, calculated from Equation (3.24) is expected taalgpod approxi-
mation for the devolatilization time as long[@a,., changes rapidly with temperature
onceTge has been reached, idDag)/dT>>1 for T>T4.,. This is true as long as the
activation energy of the pyrolysis reaction is ¢geeahan for heating. Since the latter
is a physical process, with lower activation enettggn a chemical process, the as-
sumption is, in principle, reasonable. However, wgrolysis is assumed to be de-
scribed by a single first order reaction, the kinebefficient does not only account
for a single chemical reaction, but it lumps a nembf physical and chemical pro-
cesses. In Figure 3.2Page, is represented as a function of temperature for the
devolatilization kinetics given for wood in Tabler3

The value ofT, is determined by the intersection of Day~T curve withDage~1.
The kinetics given by Davidsson et al. and Kosgiire Ty, between 350 and 400 °C,
while the kinetics proposed by Brink et al., givégg, close to 500 °C. As can be seen
the increase obage,wWith T nearTge, is small for the kinetics proposed by Jand and
Foscolo. The reason is that Jand and Foscolo’signkas low activation energy (see
Table 3.6), because the authorsluded the effect of particle size into the kinet
equation. The Kosstrin’s and Davidsson'’s kinetickesDagye, to be more sensitive
to T than Brink’s kinetics (higher slopes aboVg, in Figure 3.22), but the use of
Brink’s kinetics yields to better estimationted.
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Figure 3.22:Dagye, as a function of temperature for different devibzdtion kinetics
from literature: ¢) Davidsson et al. A) Kosstrin, @) Brink, (x) Jand and Foscolo.



Chapter 4

Conversion of char in fluidized bed gasi-
fication

4.1. Introduction

The kinetics of char gasification is a key aspetiem designing a fluidized bed
gasifier (FBG) because the reactions of char wiih &d HO are slow compared to
devolatilization and gas phase reactions. In mases, conversion of char is not
completed in FBG, thus reducing the process effigfe The combustion of char
often plays a minor role in directly heated gasi#fibecause only a fraction of the
stoihiometric oxygen is fed and the char has to pmtm with the volatiles for the
oxygen. For indirectly heated FBG, on the otherdhdahe knowledge of the rate of
char combustion is important because the energgssecy for the devolatilization,
gasification and reforming reactions is obtaineairfrthe combustion of char in a
separate reactor.

In this chapter the conversion of char from driesvage sludge (DSS) in fluidized

bed (FB) was studied. This fuel was selected becauwsill be used as reference fuel
for the development of the three-stage gasificasigstem and the results obtained in
this chapter will be implemented in the model pnéseé in chapter 5. The main focus
was made on the gasification of char with G@d HO, but also the combustion of

char was briefly studied. The rates of char gaaifien were studied by first obtaining

kinetic expressions for the reactions with £dd HO, separately. Then the gasifica-
tion of char in gas mixtures containing both reartjases was investigated in dedi-
cated experiments, with the objective to obtainedhmd for modeling the conversion

of char in an air-blown FBG.

4.1.1. Gasification of char in FBG

The rate of char conversion is influenced by vdesbsuch as temperature, partial
pressure of the gasifying reactants and the predpetticle size, porosity, and miner-
al content of the char, some of which vary withdidue to chemical conversion and
attrition. The rate of char gasification is expegbas:

o 1dm _ o
r m, dt dt “-1)
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mco andme being the mass of carbon in the char at initiaktiamd at conversiox,
respectively. The reactivity of char is definedths conversion rate referred to the
mass of carbon in the sample at time

1 dx
1-x dt *2)

Char reactivity depends on the parent fuel andherfarm of preparation, especially
the heating rate and peak temperature. The refyctizicoal chars varies widely de-
pending on the rank of the parent coal. Variatietween chars derived from different
types of biomass is even more significant, duéhodifferences in the nature of the
biomass fuels. Biomass chars vary greatly in poyoslirectionality, and catalytic
activity. Therefore, caution should be exerted pplging expressions from one char
to another (Buekens et al., 1985). The influencthefform of char generation on the
char reactivity has been studiddu et al., 2001; Fushimi et al., 2003). FB oresth
equipment, having conditions that are as similapassible to FB, such as laminar
flow (drop tube) or entrained flow reactors, shob&lused to generate the char, and
preferably, also to measure the char—gas reactittyout intermediate cooling. The
most important parameters affecting the propertiésthe char generated after
devolatilization are the temperature and partickatimg rate (Gomez-Barea and
Leckner, 2009b). The composition of the fluidizigas used during devolatilization is
assumed to only slightly affect the char generéiechuse the high flow of volatiles
released from the solid particle makes penetratibrihe fluidizing gas difficult
(Gémez-Barea and Leckner, 2010). The char preparatiethod can affect both the
composition and properties of the char. Pore thigtion and internal surface area
have a great influence on the char reactivity.fiels with high volatile content, such
as biomass and wastes, the structure of the gededdar is strongly affected by
devolatilization conditions. Also, deactivation dfars exposed to high temperatures
has been observed (Senneca et al., 1997).

In commercial FBG units, mm-sized particles aredusige temperature is in the range
of 750-900 °C and the heating rate at which théifudevolatilized is in the order of
100-1000 °C/s. Then, to obtain reactivity usefuldpplication in FBG units, the char
should be generated at a high temperature andchbeatie. However, physical inter-
action like mass transport can lead to misintegti@is of the intrinsic kinetics
(Gomez-Barea et al., 2007). This is the reason mhgt experimental data with,O
CO, and HO have been measured using TGA, fixed bed or gsirdé&ices, where it
is easier than in an FB to ensure that the expatsnare really carried out in the
kinetic regime. In these devices, small particleesind low heating rate are often
employed. Moreover, there are other processesntée it difficult to prepare the
char in the laboratory to be useful for FBG. A diigant reduction in char reactivity
after cooling the char has also been reported @letral., 1989; Liu et al., 2003).
However, in most kinetics studies the char gendrai¢he laboratory is cooled down
to room temperature before conducting the charfigason tests (Matsouka et al.,
2009; Chitsora et al., 1987; Sears et al., 1986tt®t al., 2005; Nowicki et al., 2010).

A great deal of research exists detailing measunésraf the char gasification reactiv-
ity of a variety of fuels, including coal (Miura at, 1989; Linares-Solano et al., 1979;
Liu et al., 2003; Matsouka et al., 2009) and bisng&ojima et al., 1993; DeGroot
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and Richards, 1988; Moilanen and Mihlen, 1996). ganatively less work exists on
the gasification of char from contaminated biomassidues and wastes (Scott et al.,
2005; Nowicki et al., 2010; Marquez-Montesinoslet2002; Gea et al., 2005). Little
research has dealt with the gasification of chamfdried sewage sludge (DSS) (Scott
et al., 2005; Nowicki et al., 2010). It was fourwat char from DSS had higher reac-
tivity with CO, than chars from coal and car tires (Scott e28l05). The reason may
be the effect of catalytic compounds (Miura et B889; DeGroot and Richards, 1988;
Schumacher et al., 1986), which are found in lgnggortions in DSS char. However,
it is difficult to conclude general trends basedeaisting char gasification or combus-
tion tests from DSS found in the literature becahsechemical and physical charac-
teristics of DSS may vary significantly dependingits origin.

Most char gasification studies have treated théfigason with CG, and HO sepa-
rately and less work exists regarding the gasificadbf char in mixtures containing
both CQ and HO. Simultaneous gasification with G@nd BO has been studied for
coal char (Roberts and Harris, 2007; Umemoto efall1l; Koba et al., 1980; Huang
et al., 2010). Most of these studies performed mreasents in TGA (Roberts and
Harris, 2007; Umemoto et al., 2011; Everson et2006; Huang et al., 2010) and
only some studies have assessed how the reactigitigs with char conversion
(Umemoto et al., 2011; Mihlen et al., 1985). Difietr kinetics models have been
employed to describe the simultaneous gasificatidh CO, and HO (Roberts and
Harris, 2007; Everson et al., 2006; Koba et al3Q)9Based on the higher diffusivity
of H,O compared to CPand that catalytic compounds can affect the tvactiens
differently, it has been argued that different\asites can have more affinity for one
of the two reactants and some kinetic models asshateCQ and HO react at dif-
ferent active sites. The reaction rate in a mixoff€0, and HO can then be calcu-
lated as the sum of the individual reaction rateasared in the presence of only one
of the reactive gases. Other models assume thak#uotants have to compete for the
same active sites. For most chars, the gasificatitim H,O is much faster than the
reaction with CQ (Roberts and Harris, 2007; Koba et al., 1980) ankigh pressure
an inhibition effect of C@ has been observed leading to a decrease in neaetie
when adding C@to a HO-N, mixture (Roberts and Harris, 2007). In some stidie
carried out at atmospheric pressure the assumptiainthe two reactions occur at
different active sites has given good agreemertt eiperimental results (Everson et
al., 2006; Huang et al., 2010), while in anothedygt the assumption that some of the
active sites are shared gave good results (Umeetotd., 2011). Very little infor-
mation is available regarding the simultaneous figasion with CQ and HO of
chars from biomass and wastes. Here, the gasditati char in mixtures containing
both CQ and HO has been studied in order to obtain an expreskatnenables cal-
culation of the char conversion in an FBG.

To obtain the conversion rate of a char preparah fa given fuel in a mixture of GO
and N (reaction with CQ) or in a mixture of HO and N (reaction with HO), at
temperaturd, the following expression can be used to fit theasurements (Gémez-
Barea and Leckner, 2010):

=1 (T, Pogrio) F(X) (4.3)
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wherer,. is the conversion rate at reference state of cemr,. accounts for the
dependence of reactivity on temperature and patedsure of gas reactaptg, or
PH20), Wheread=(x.) is a function taking into account the variatidrttee gasification
rate with conversiompco, stands for the partial pressure of 0 the CQ-N, mix-
tures used during CQeactivity tests angy,o is the partial pressure of,@ in the
H,O-N, mixtures used during 4 reactivity tests. The approximation assumed in
Equation (4.3) by which the conversion rate camhitten as the product of two func-
tionsry (T, pcozrzo andF(x.) has been shown to be valid within a specific eanf
operating conditions (especially within a spectémperature interval) (Ollero et al.,
2002; Gomez-Barea and Leckner, 2010).

If the reactivity,R, is constant with¢. the reaction is first order with respect to the
mass of carbon anel(x.)=(1-x;). The variation of the char reactivity with consien
has been correlated with the inner surface ardaalbo other properties can affect the
char reactivity. Both structural and empirical misdef F(x.;) have been employed in
literature. A review of different models can be riduin (Gémez-Barea and Leckner
2010).

The gasification reactions are governed by surfaoeesses. For the char gasification
reactions to take place, the reactive gas,(60OH,O) first has to be adsorbed at an
active site on the surface of the char structuhe presence of CO and, Ean affect
the rate of char gasification, since these compswath adsorb on the char surface,
blocking the active sites. Langmuir-Hinshelwoodetios (Scott et al., 2005; Juntgen,
1981) has shown to represent the char reactivibjclwaccounts for the observed
inhibitory effects of CO and H(Di Blasi, 2009; Ollero et al., 2002). However, at
moderate pressure and when the partial pressut®addnd H are not very high, the
reactivity at a given conversion, can be simplifigdnth order kinetics. The validity
of this simplification can be verified experimemyaby confirming that the order of
reaction neither varies with temperature nor witlgrée of conversion. Assuming this
simplification,r,. can be represented using the following expression:

r, =K,ex —_"I‘_ pCOZ,HZOn (4.4)

Equations (4.3) and (4.4) allow for a simplifieddapractical expression to fit the
measurements. However, the validity of the asswonptimade to derive Equations
(4.3) and (4.4) should be verified experimentaMoreover, the reactivity (kinetic
parameters and structural profile) should be obthiwithout diffusion effects, i.e.
intrinsic reactivity. In this way, the reactivitypuald be used as part of a char particle
model to predict the conversion in practical equepm(with a variety of char sizes
and operating conditions).

In this work, an expression for the intrinsic réaty of char from DSS for both gasi-
fication with CGQ and HO (in mixtures where only a single reactant,,@D H,0, is
present) based on the form given Equations (4.3) etmained, assessing the effects
of different factors and assumptions on the exprassobtained. After that the gasifi-
cation in mixtures containing both G@nd HO is studied.
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4.1.2. Combustion of char in FBG

The combustion of char can yield both £ahd CO and is often expressed using the
following global reaction:

C+60, - 2(1-6) co+(29-9 cQ (4.5)

The value off depends on the temperature and other parametdrssamot well
known, but in FBG models it plays a secondary eoid influences the solution only
weakly. This is because the final gas composittomfthe gasifier is determined by
the water—gas shift reaction and char gasificatidher than char combustion (Yan et
al., 1999). Since the combustion of char is hightgthermic, the temperature of the
char particles in an FB combustor can be signifigalnigher (50-100 °C) than the
average bed temperature (Winter et al., 1997)ohtrast, the temperature difference
between the char particles and the bed is smahiffBG, due to the simultaneous
endothermic and exothermic reactions taking plaweifer and Clough 1981; van
den Aarsen, 1985). This allows assuming isothewunalersion in an FBG even for
the combustion reaction. On the other hand, wheasoméng the rate of combustion
in a laboratory FB, the temperature of the partiela differ significantly from the bed
temperature and this influences the measured kmefiPrins and van Swaaij, 1990;
Dennis et al., 2005). The value ®influences the particle temperature since the for-
mation of CQ is more exothermic than the formation of CO.

4.2. Experimental

The experimental rig has been described in Ch&p#erd is represented in Figure 3.1.
The dimensions of the laboratory FB employed, daReactor 2, are given in Table
3.4.

4.2.1. Material

The fuel employed is DSS whose proximate and elésh@malyses and particle size
distribution are given in chapter 3, in Tables 8t 3.2 respectively. The content of
the main metal constituents of DSS is given in @abll and the composition of DSS
char is shown in Table 4.2.

Table 4.1.Content of main metal elements in DSS

Element | mg/g of DSS
Fe 38.91
Na 38.32
Al 31.51
Mg 8.92
K 7.81
Ca 4.79
Ni 1.71
Zn 1.40

The DSS particles were employed in the experimagteeceived, i.e. no size reduc-
tion was applied. The bed material employed waxibawith a size in the range of
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0.25 mm-0.50 mm and density of 3300 kginThe minimum fluidization velocity
measured for the bauxite was 0.20 m/s (see Chaptnd the terminal velocity (cal-
culated for the mean particle size, i.e. 0.375 mia3 4.3 m/s. The mass ratio of DSS
to bauxite in the bed was close to 1/100 in alltésts, so the fluid-dynamics of the
bed is assumed to be governed by the bauxite.

Table 4.2.Composition of DSS char

Composition Weight %, dry basis
Ash 84.14
Volatiles -

Fixed carbon -

C 13.17
H 0.63
N 1.05
S 1.01
o~ 0

* Calculated by difference

4.2.2. Experimental procedure
Gasification in CO,—N, and H,O—-N, mixtures

The procedure employed to measure the reactios iat€G—-N, and HO-N, is
described in the following. First, the reactor wasted by setting the test temperature
in the oven. During the heating period a continufios of air was fed. Once the
desired temperature was reached, the fluidizingvges switched to Nand when no
more oxygen was detected by the analyzer, a bdt&S58& was fed through a pipe
that ends near the bed surface. When the CQ, CBy and H concentrations meas-
ured by the gas analyzer were nearly zero, deliniton was considered to be com-
plete. Then the flow of C&br H,O was turned on, while the flow of,Mas adjusted
to set the desired composition of the gasificatitirture (CQ-N, or H,O-N,) and
fluidization velocity. Gasification conditions wereaintained until the CO and GO
concentrations at the exit were too low to allowwaate measurements. This occurred
at conversions of chax,, between 0.60 and 0.85, depending on the operatindi
tions. After gasification, the gas feed was switthk@ air in order to burn the remain-
ing char.

The effect of gas mixing was taken into accountdoect the data of gas concentra-
tion measured during the char reactivity tests. Tolank tests were performed to
assess the effects of gas mixing in both the gad &nd exit lines. In the first blank
test, a certain flow of COwas injected into the fluidization gas (purg) kh a port
situated in the gas feed line. In the second blask the injection of CQvas made in

a port situated in the upper part of the FB. THeatfof mixing was well character-
ized by a first order model, with time constantsiadgo 1.9 s and 8.1 s for the feed
and exit lines, respectively.
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Gasification in CO,—H,O-N, mixtures

The experimental procedure employed to measureatieeof gasification of char in
mixtures containing both C@nd HO was somewhat different than for the experi-
ments with C@-N, and HO—-N, mixtures. Devolatilization was carried out usihg t
same method as in the experiments described ahdvafter devolatilization, gasifi-
cation conditions were maintained for a certainquenof time, 3, 4, 5, 6, 10, 15 and
20 minutes. After that air was fed to burn the rgvimg char and to determine the
amount of char remaining after gasification. Thisthod does not allow to measure
how much char reacts with G@nd how much reacts with,8. This, however, only
has a minor importance for FBG models, becausealigtebution between COand
H,0O in the gas is governed by the WGSR, so what poitant to determine is how
much carbon is transferred from the solid to the plaase by gasification. The moti-
vation for using a different procedure in thesgstésexplained in section 4.2.4.

Combustion of char

During the char combustion tests, the devolatiiratvas carried out using the same
method as in the gasification experiments, onlyt the air feed was switched on
immediately after the devolatilization, to meastive rate of char combustion.

4.2.3. Operating conditions

Table 4.3 summarizes the most important experinrhgraeameters and operating
conditions. Gasification tests were conducted rEdldifferent temperatures: 800, 850
and 900 °C and three partial pressures of @@ HO in the fluidizing gas: 0.10,
0.20 and 0.30 bar. The char combustion tests warducted at 600, 675 and 750 °C
and air was used as reactive gas during the coimhudthe pressure inside the reac-
tor during the experiments was below 1.05 bar. Bas velocity, during both
devolatilization and gasification of char, was &3 times the minimum fluidizing
velocity. With this value, entrainment was avoided,slug flow was detected and the
char particles were assumed to be sufficiently weded with the bed material. Four
particle size ranges were studied (in mm); 1-1véi@ge 1.2), 1.4-2 (average 1.8), 2-
2.8 (average 2.4), 2.8-4 (average 3.4) and 4-5rdgee4.5). Together these ranges
include more than 98% of the as-received DSS (sd#eT3.3). During the experi-
ments with C@-H,O-N, mixtures the duration of the gasification stages waried.
The batch size was between 3 g and 8 g duringigatsiin experiments and between
1 g and 1.5 g for the combustion tests. The bamshwas adjusted in order to ensure
that the concentrations of the product gases atthiavere kept below 1%, to guaran-
tee differential conversion in the reactor.

4.2.4. Data treatment

During char gasification tests with GEN, mixtures, the following reaction occurs:
C+CQ e 2CC (4.6)

and the amount of reacted carbon in the char mulzied from the measured CO in
the exit gas. During the char gasification testhwi,O—-N, mixtures, the following
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reactions occur:

C+H,0=2 CO+ H, (4.7

CO+HOz=CQ+ H (4.8)

therefore, the amount of reacted carbon in the ehaalculated from the measure-
ments of CO and CQn the exit gas. The gas concentrations measueed gorrected
taking into account the mixing of gas in the ekike| characterized by the blank test
described above. This method for measuring the atraversion is calletethod 1

Table 4.3.Main experimental parameters employed in the obacativity tests

Rig

Bed diameter 51 mm

Freeboard diameter 81 mm

Material

Bed material Bauxite, 0.25 mm € 0.50 mm
Mass of bauxite in the bed 300 g

DSS batch size 3-89

DSS particle sizes tested* rlnﬁq mm, 1.8 mm 2.4 mm, 3.4 mm and 4.5
Operating parameters

Temperature 800-900 °C

Total pressure ~ 1 bar

Minimum fluidization velocity (bauxite), & 0.20 m/s

Nominal gas velocity 34

Fluidizing gas during devolatilization N

Partial pressure of CfH,0 in the feed gas
(mixtures of CG-N,, H,O-N, CO,- H,0O-N,) | 0.10-0.30 bar
during char gasification

For the experiments with gas mixtures containinthk®0, and HO all three reac-
tions described by Equations (4.6)-(4.8) occurit $® difficult to determine the char
gasification rate from the measurements of CO a@d i€ the exit gas, since GQs
both a reactive gas and a product of the WGSRHEseation (4.8)). Instead the con-
version achieved after a time equal to the duratiotme gasification stage (3, 4, 5, 6,
10, 15 and 20 minutes) was determined by measthagmass of char remaining
(through combustion). This method for measuringdhar conversion is calledeth-

od 2 Some experiments with,B-N, mixtures were also carried out using this ex-
perimental method to enable comparison betweerethdts obtained usingethod 1
andMethod 2.

At the beginning of each test there is a trangiemiod before the composition of the
gas surrounding the char particle reaches the wtetate value. Once this value has
been reached, it remains constant throughout téte tising the time constant ob-
tained in the blank test for the mixing in the dgasd line it can be calculated that it
takes approximately 6 s for the concentration o, @OH,O in the reactor to reach

95% of the steady state value. In addition, thera transition time for the reactive
gas in the emulsion of the FB to reach the intesuaface of the char particle. This
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time is estimated by the intra particle gas diffusiz = rplee, D, being the effective
diffusivity andr, the char particle radius. Takiri=1.05 10" m%/s (Dennis et al.,
2005) and;=2.5 mm (the maximum particle size of DSS usedjrassy that the char
particle size equals that of DSS) giwdselow 0.1 s, which is negligible compared to
the delay caused by gas mixing. Then a transiembdgef 6 s was assumed. Taking
into account that the conversion achieved up te tinie in the test with the highest
reactivity (900 °C using }D with the smallest DSS particles) was almost 0tA8,
conversion rates measured during the initial pewitth x.<0.05 were considered not
reliable enough so they were not taken into acciutite results presented below.

4.3. Results and discussion
4.3.1. Gasification of char in CO,~N, mixtures and H,O—-N, mixtures
Assessment of the effect of char preparation methoahd particle size

Prior to the determination of the effects of tenaare, gas composition and degree
of conversion on the char reactivity, a number lidrcgasification tests are analyzed
to assess: (i) the influence of the method of giv@paration on the reactivity ob-
tained, and (ii) the diffusion effects on the réatt due to mass transport limitations,
the latter in order to ensure the determinatiothefintrinsic reactivity.

Various tests were performed using char that waemg¢ed in the same way as that
described above (devolatilization of DSS in thewBh nitrogen at the same tempera-
ture) but the resulting char was cooled down tawrdemperature before conducting
the char reactivity measurements in the FB (usi@g-@l, and HO-N, mixtures as
fluidizing gas). These tests are called ex-situ ¢bsts, to distinguish them from the
other experiments performed in this study, whereoldgilization and char gasifica-
tion were made sequentially, i.e. in-situ chargeAtcomparison of the reactivity tests
using in-situ and ex-situ char is shown in Tablé, 4vhere the conversion rate at
x=0.2 is shown at two temperatures. The reactigitiound to be much higher when
using in-situ generated char. The results in Tableshow that the temperature has a
stronger influence on the reactivity of ex-situ thAn analysis of the data shown
indicates a higher activation energy for the reactf carbon with steam using ex-
situ char compared to that using in-situ char. fdseilts show that the thermal history
of the char is important for the gasification réadty and that char generated in-situ
should be employed if the results are to be usesinmlate FBG. This fact should
also be kept in mind when comparing the resulthisfwork to other research where
the char is generated in external devices, foaist, laboratory apparatus like ovens
or TGA. In laboratory devices the char is cooledvddefore the reactivity test. In
addition, the heating rate and temperature undéchathe char is generated may also
differ from that in an FB. Consequently, the resuitay not be directly applicable to
FBG. All the results presented below have been gcted using in-situ char in an
attempt to reproduce the reactivity that would eixian FBG.

The variation of size and shape of DSS particlesxgulevolatilization was studied in
Chapter 3. The results showed that the particlegtaiaed their shape and that
shrinkage was not important. Similar observatioagehbeen made by other authors
(Scott et al., 2007).
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Table 4.4.Comparison between the conversion rate=0.2,r,o 1¢* (s*) obtained with in-
situ and ex-situ generated char for the reactiatts @O, and HO at two different tempera-

tures
Temperature, °C| In-situ char | Ex-situ char
CO, 800 4.9 2.2
800 13.3 4.2
H,0
900 67.1 35.2

Specific surface area has been measured for clained from DSS of different
particle sizes and using two different char prepamnamethods; (i) in an FB at 800 °C
and (ii) in an oven applying a low heating rate®@min) and a final temperature of
800 °C. It was found that the particle size didinfittence the specific surface area of
the char, but the char preparation method did moesextent: the BET surface area
was 41.1 and 35.4 %y for char generated in the FB and in the ovelpwtheating
rate, respectively. These values are low compasethdse measured for biomass
chars like wood, having BET surface area over 36@.nThe results also indicate
that the properties of char from DSS depend orctiaa preparation method. About
50% of the surface area of DSS char was presemnti¢énopores, a low proportion
compared to those measured for biomass and coalewhicropores represent practi-
cally 100% of the total surface area.

Char gasification experiments were carried out5d 8C and 900 °C using various
particle sizes. The conversion rate as a functfoq s shown in Figures 4.1, reaction
with CO, (using CQ-N, mixtures) and 4.2, reaction with,@ (using HO-N, mix-
tures). The results indicate that the reactivitpidy affected by particle size in the
tests using kD at 900 °C, for which the reactivity is lower whesing coarser parti-
cles, due to mass transport effects. The influeiqearticle size is more significant at
low conversion as the reactivity is high (see Fégdir2), whereas it becomes smaller
at high conversion. In order to obtain the reattifiee of diffusion effects, only the
tests using 1.2 mm DSS particles were taken tthéitmeasurements. This was the
smallest particle size available. Since diffusidfeas could still be present in the
tests using BD-N, mixtures at 900 °C, a theoretical analysis ofittikeience of dif-
fusion effects for different particle sizes is meted in the Appendix. It is confirmed
that diffusion effects are negligible when using@ nm particles so the results ob-
tained for this particle size can be used to es#rtize intrinsic reactivity.

Determination of intrinsic reactivity of char with CO, and H,O

In Figures 4.3 and 4.4 the effects of temperatatkgas reactant concentration on the
char conversion rate at reference convergigf.3,r3q, are studied. In Figure 4.85

is presented at different temperatures using fipadial pressures of GGand HO
(Pco2m25=0.20 bar), whereas Figure 4.4 shows a comparisbmeenrs, measured at
800 °C using different values po, andpu.o. It is shown that the reaction with,®

is roughly 3 times faster than with G@r all temperatures tested. This suggests that
both reactions have similar activation energies.
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In order to verify the ability of the ntivder reaction model to represent the intrinsic
reactivity, i.e. that Equation (4.4) can be usedittthe measurements, the order of
reaction for both reactions, with G@nd HO, was calculated at a constant tempera-
ture at different conversions. Experiments wereiedrout at 800 °C varying partial
pressures of Cand HO in the feed gas. Assuming nth order kinetics wégpect to
CO, and HO, the reaction order was calculated at differemtversions, and the re-
sults are shown in Table 4.5. For the reaction WD, the reaction order remains



Conversion of char in FBG 79

practically constant throughout the whole rangeaifversion tested and is approxi-
mately 0.33. For C@ the change in reaction order with increasing eosion is more
significant than for KO, but the variation is still small, so an averagestant value
between 0.4 and 0.45 can be assumed. These vdilkgection order are in agreement
with those obtained by Nowicki et al. (Nowicki ét, 2010), who measured values of
n=0.39, andn=0.3 for the reactivities of sewage sludge chahwgt, and HO, re-
spectively. It has been concluded that the nthromtidel is a reasonable model to fit
the measurements by using Equation (4.4), for l6&@h and HO. The Arrhenius
plots forrs, for CO, and HO are shown in Figure 4.5. The corresponding vabiiés
andE, obtained from the fitting are shown in Table 4t@s confirmed that the acti-
vation energy is similar for both reactions.

Table 4.5.Reaction ordem, for the gasification reactions with G@nd HO at different
conversions.

Xe | N (COy) | n (HO)
0.1] 0.320 | 0.329
0.2| 0.372 0.316
0.3| 0.416 | 0.338
0.4| 0.391 0.318
0.5| 0.450 | 0.356
0.6| 0.452 0.339
0.7| 0.463 0.339

To determine the variation of reaction rate withnwersion, a model foF(X.) (see
Equation (4.4)) was sought. Various models esta@tisn the literature were initially
applied in an attempt to fit the measurements, aglthe Modified Random Pore
Model (Zhang et al., 2010) and others (Gomez-BarahLeckner, 2010). However,
the data did not fit satisfactorily so an altermatiempirical expression was used:

F (%)= = (1) ax+ Y exf - ot 4.9)

30

This expression was chosen because it gave goad fiteasurements for both GO
and HO and because it was able to reproduce the maxiofutme reactivity at low
conversionsx.<0.20. The parametel, in Equation (4.9) is not essential to represent
the data, but it was included in order to ensuigy>0 at initial time, i.ex.=0.

To estimate the best values of the parameders and ¢, the procedure described

below was applied. For gasification modeling, ifnteresting to have an expression
allowing accurate calculation of the time requitedeach certain conversions of char.
This time can be calculated from the reactivityifitggration according to:
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t(x)= ! Tla) do (4.10)

The parametera, bandc in Equation (4.9) were calculated by minimizing gum of
the accumulated errors ofrldp to a given conversion for the three temperature
studied and for fixed partial pressures of ,C@ H,O in the feed gaspco, or
pHZO:O-ZO bar.

4

Co,

Ln (rzo(sh)

'9 T T T T

85 87 89 91 93 95
UT - 104 (K )

Figure 4.5: Arrhenius plot for the conversion rate of refeiatx.=0.3),r3q, in CO—
N, and HO-N, mixtures, with, respectivelyco,=0.20 bar ang,0=0.20 bar

Table 4.6.Values of kinetic parameters: activation enegy frequency factor,
ko, and order of reactiom, for the char reactivity with COand HO

n | E, kd/mol | ko, bar"s?

Cc0,| 041 1635 6.33L0"
H,0[0.33] 171.0 3.0010°

The values of the parameters obtained for the icectvith CQ and HO are shown

in Table 4.7. A comparison between the calculated experimentat/rz, curves is
shown in Figure 4.6. Thelrzy curves obtained at different temperatures show the
same trends with increasing conversion and onlyesdifference is observed for
extremex; values. As can be seen in Figures 4.6(a) and ¥.8(bx.>0.15, ther/rzg
curves are similar at different temperatures. Meeepthe curves obtained using
CO,—N, mixture and HO—N, mixture are almost identical. This suggests theafse
the same expression fB(x.) to represent the reactivity with both génd HO, sim-
plifying the modeling of char conversion in an FBIherefore, a new set of values of
parameters,, b andc to give the best fit for all ther ;o curves (using both CON,
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mixture and HO-N, mixture) was calculated. These values are also shiow able

4.7, marked aaverage
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Figure 4.6: Experimental and theoretical (using Equation (4n@ymalized conversion rate
r/r 35, as a function of conversion at different tempaeg. (a) reactivity in a mixture of GO
Ny; (b) reactivity in a mixture of fD—N,

Table 4.7 Values of parameteis b andc in Equation (4.9) calculated for each
reaction separately and calculated to represehtthetreactions with CCand
H,O (marked average)

a b| c
CO, [51.3|2.9|4.6
H,O |[11.5/3.6/3.0

Average| 30.8| 3.6/ 4.0

In summary, an expression for the intrinsic conieergate of DSS char in GON,
mixtures and LO—-N, mixtures in an FB can be obtained by combining &igns
(4.3) and (4.4), usingy, as reference reactivity, leading to:

E n
r =k, ex —_'i‘_ Peg o F (X,) (4.11)

with F(x;) given by Equation (4.9) with empirical parametard andc from Table
4.7, and frequency factoky, activation energ¥e,, and order of reactiom, given in
Table 4.6.

This reactivity was used to calculate the conversis a function of time at differe
temperatures. Two sets of parameters for repreggihfk.,) were used. The first set

nt
of
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parameters uses the valuesapb andc calculated separately for each reaction (see
Table 4.7), whereas the second set correspondsii@ndc as valid for both reac-
tions, i.e. using@, b andc marked asveragein Table 4.7. Figure 4.7 shows the con-
version vs. time curves calculated with the two eledof F(x.) together with the
experimental curves, at the three temperaturesestudith pco, or pr.c=0.20 bar.
Since the results at<0.05 were not reliabléz0 was set fok.=0.05. It is shown that
the model exhibits good agreement with the measemésn except at 800 °C for
x>0.6. The use of a common model ;) to represent both the reactivities with
CGO, and HO only affects the results slightly, so it is age@able simplification for
modeling purposes.
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Figure 4.7: Comparison between experimental and theoreticalgusquations (4.9)-(4.11))
curves of chaconversion versus time. (a) G@activity tests withpco=0.20 bar; (b) and }©
reactivity tests withpy,0=0.20 bar.

4.3.2. Gasification of char in mixtures containing both CG and H,O

The aim of this study is to obtain a kinetic mofitel calculating the char conversion
rate in mixtures containing both G@nd HO, to be employed in an FBG model.
First the validity of the two methods employed fioeasuring the char conversion was
assessed by comparing the results obtained usitigodld and Method 2 (see section
4.2.2 and 4.2.4).

Comparison between the two experimental methods ergyed in gasification
experiments

The experimental method employed to study the igasién in CQ—H,O-N, mix-
tures was calledMethod 2and was different from the method used in the ipres/
experiments with C&-N, and HO-N, mixtures, calledMethod 1(as explained in
section 4.2.4). Experiments were carried out wit+N, mixture withp,,0=0.20 bar
usingMethod 2in order to compare the results with the onesinbthusingMethod 1
(presented in section 4.3.1). Figure 4.8, showsmparison between the conversion
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versus time data obtained usiktgthod 2and thex. vst curves calculated from the
kinetics obtained usiniylethod 1(Equations (4.11) and (4.9)).
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Figure 4.8: Comparison between the two methods for measurigltar conversion, ex-
periments carried out with,,0=0.20 bar at three different temperatures. Thesliepresent
the char conversion calculated from Equations (dahtl (4.9)) and the points represent the

conversions measured usikigthod 2

From the conversion versus time data representEgyime 4.8 it can be concluded
that both methods give similar results.

Gasification rate in CO,—H,0—N, mixtures

Experiments were carried out using £6,0—-N, mixtures withp,,0=0.20 bar and
two differentpco,were studied: 0.20 and 0.40. If the reaction rata mixture con-
taining both C@ and HO is equal to the sum of the rates of the individyesifica-
tion reactions, the time needed to reach a cectaiwersionx, can be calculated from
Equation (4.12), where-o, andr,,o are the rates of gasification with g¢@nd HO,
respectively. The experimental results obtainedh wifferent gas mixtures and tikg
vst curves calculated from Equation (4.12) are reprieskin Figure 4.9 for 800 °C,
850 °C and 900 °C, respectively. Theversust curves were calculated using the
kinetics forrco, andry,o given in section 4.3.1 and a common expressioR ) (to
account for variations of the reaction rate witlarcbonversionjor the two reactions
(see Equation (4.9) and Table 4.7). In Figure 4s6 the results obtained with,G—
N, mixture (p.0=0.20 bar) (also shown in Figure 4.8) have beeludwd to enable
comparison.
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Figure 4.9: Char conversion as a function of time measured ip-EigD—N, mixtures

with py20=0.20 bar and different values @fo, (points represented in the figure) and
thex; vst curves calculated using Equation (4.12)d@sc=0.20 andoco=0.20 bar (sol-
id line); pu20=0.20 andpco=0.40 bar (dashed line), at three different tentpees, (a):

800 °C; (b): 850 °C, (c): 900 °C.

From the results in Figure 4.9 it can be conclutted the reaction rate in a GO
H,O-N, mixture is higher or approximately equal to thesratt a mixture containing
only H,O and N, so it seems that inhibition of the steam gadificareaction by C®
is not important. It can also be concluded fromukég4.9 that the gasification rate in
a CQ—H,O-N, mixture is mainly due to the presence of steamthatithe contribu-
tion of CG; is small, especially at high temperature. Thisiltesan be explained by
the results obtained in the previous section whisgereaction with LD was found to
be roughly three times faster than the reactiom Wi©,. By comparing the experi-
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mental results and calculatgdversust curves in Figure 4.9 it can be concluded that
the time needed to reach a certain conversion eamdiculated with reasonable
agreement with experimental data using Equatioh2{4and kinetics for the gasifica-
tion reactions with C@and HO given by Equations (4.11) and (4.9) and a common
expression foF(x.) (parameter values marked as average in Tablefat. Bpth reac-
tions.

4.3.3. Combustion of char

The rate of combustion of char was measured usi8§ Df three different particle
sizes, 1.8, 2.4 and 3.2 mm, and three differenttbeygberatures, 600, 675 and 750 °C.
The results showed that the influence of both glartsize and temperature on the
conversion rate was small. The small influence eshgerature indicates that mass
transfer limitations are present. Particles smdhan 1.8 mm were not available for
the measurements (no more particles of size 1.4wene available), making meas-
urement of intrinsic kinetics difficult. Kineticsf édhe combustion of char from DSS
has previously been measured in FB (Dennis e2@05) and particle size of 655 um
was employed to assure kinetic regime. In thatystas also found that the particle
temperature during combustion could be higher tha@nbed temperature especially
for larger particles. This could be a reason whgsrnimansfer limitations can be im-
portant at bed temperature as low as 600-650 °€.rate of char combustion in air,
rm (MOI/(S @ra)) Measured in this work for the smallest particlesilable (1.8 mm)

is compared to the values calculated from the kieagiven by Dennis et al. in Table
4.8.

Table 4.8.The rate of DSS char combustion in ajf, at different temperatures, measured
in experiments and values calculated from the ldeegiven in (Dennis et al., 2005).

Bed m, MOl/(S Gnar) (experimental) | ry,,, mol/(S gnar) (Dennis et al.)
temperature, °C

600 2.564-10 3.221-10

675 2.685-10 1.548-10

750 3.804-10 2.915-10

The values in Table 4.8 show that the influenceeafperature on the reaction rate
measured here is very small and the experimented e lower than the values cal-
culated from (Dennis et al., 2005), especiallyighliemperature, indicating that mass
transfer limitations are present. The reaction raéasured here at 600 °C is of the
same order of magnitude as the value calculated @ennis et al., 2005).

4.4. Conclusions

The gasification reactivity of char from dried s@#aludge (DSS) was measured in a
laboratory scale fluidized bed (FB) in the tempematrange of 800-900 °C. The char
was generated by devolatilizing the DSS with ninogat the bed temperature and
subsequently gasifying the resulting char with gt of CQ and N (CO, reactivity
tests) and kD and N (H.O reactivity tests). Kinetic expressions for calcingtthe
intrinsic reactivity of DSS char as a function efriperature, partial pressure of reac-
tant in the mixture (CQor H,0O) and degree of conversion were obtained: they are
represented by Equation (4.11) witx,) given by Equation (4.9) taking the empiri-
cal parameters, b andc from Table 4.7, and frequency factés, activation energy
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E., and order of reaction, from Table 4.6. The variation of reactivity witlonver-
sion was similar for tests using G, mixtures and LD—N, mixtures, so a single
function F(x;) can be used for both reactions. The reactivitthwid,O was roughly
three times faster than with G@t all temperatures (similar values of activatmer-
gy were calculated for both reactions, approxinyaiél0 kJ/mol). The order of reac-
tion is approximately 0.33 for 4@ and 0.41 for C§ remaining practically constant
with conversion.

Comparing the conversion rates determined to tlodained in tests using ex-situ
char (the char was generated in the FB but wasedodbwn before conducting the
gasification test) demonstrated that the preparatiethod has a significant influence
on char reactivity. It is then concluded that itusihar reactivity tests should be used
for simulating FBGs.

Experiments were carried out using gas mixturegagoimg both CQ and HO and
the results showed that the gasification rate @0a-H,O—N, mixture can be assumed
to be the sum of the individual reaction rates v@i® and HO at all the tempera-
tures studied. It is thus concluded that competibetween the two reactive gases is
not important at atmospheric pressure and the ikimabdel given by Equations
(4.11), (4.9) and (4.12) can be applied to caleutaé char conversion achieved in an
FBG.

The rate of conversion of DSS char with Was measured, but due to experimental
limitations it was not possible to measure thearnsic kinetics. The results obtained at
the lowest temperature studied (600 °C) showednedde agreement with the reac-

tion rate calculated from kinetics found in litans (Dennis et al., 2005), so this ki-

netics can be employed to estimate the intringietics of the combustion of the DSS

studied here and will be used in the gasifier mqdesented in chapter 5.
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Appendix: Assessment of the influence of mass trafes limitations on the gasifi-
cation rate with H,O at 900 °C

As mentioned above, it was not possible to cartyroegasurements with DSS parti-
cles smaller than 1.2 mm. To check if the readtisitneasured for this particle size in
the tests at 900 °C were affected by mass tratisfeeations, the effectiveness factor
was calculated taking into account the resistatcamass transport in the gas film
(external) and within the particle (intraparticleiaternal).

The observed conversion rate can be expressed;aig,, rvn being the intrinsic reac-
tion rate (without mass transfer limitations) anpthe effectiveness factor with<1.
The effectiveness factor is calculated as the mbdithe external and internal effec-
tiveness factorsy, and 7;, taking into account, respectively, the resistatenass
transport in the gas film and within the partickey. The method to calculatg
andz; presented in (Gémez-Barea and Leckner 2010) wpkedp taking the effec-
tive diffusivity from (Dennis et al., 2005).

The effectiveness factors, 7. andy; calculated fox.=0.30 for the three particle sizes
studied at 900 °C are shown in Table 4.9. The ¢leffactiveness factor calculated
for the smallest particle size is very close t®d the measured reactivity can be as-
sumed to be free of diffusion effects, i.e. theiisic reactivity. This is corroborated
by the fact that the Arrhenius plot gave a straligte with R>0.99 (see Figure 4.5).
The effectiveness factors calculated dgr2.4 mm andd,=3.4 mm were also in good
agreement with the experimental results, which reake method applied consistent.
Therefore, it can be concluded that: (i) diffuseffects are negligible when using 1.2
mm particles and therefore the results obtainedguhiis particle size can be used to
estimate the intrinsic reactivity, and (i) intrapele transport of gas influences the
reactivity when using particle sizes of 2.4 mm &igher.

It is possible that for very low conversions (whka rate of conversion is high), mass
transfer limitations could have some influence.sTébuld explain the difference in
ther/r 3o curves with HO for x.<0.10 at 900 °C compared to the other temperatlres.
any case, this effect does not have a signifiaafhuénce on the results since tiiey
curves for different temperatures are practically same fox:>0.10 and Equation
(4.11) fits the measurements with@at 900 °C very well (see Figure 4.7).

Table 4.9.Effectiveness factors calculated for different jgigtsizes for the reaction
with H,O at 900 °Cx=0.30 andp,c=0.20 bar (externaj , internaly; and globaly)

dy, MMy | #; 1
1.2 10.98]/ 0.96] 0.95
2.4 |0.95|0.83] 0.79
3.4 |0.92|0.70] 0.66







Chapter 5

Modeling of the three-stage gasifier and
comparison to one stage units

In this chapter a steady-state model of the thtagesgasifier is developed based on
the measurements made in chapters 2-4. The modehjdoyed to simulate the
three-stage gasification process under differeetratmg conditions and to compare
with a standalone FBG. The optimization of bothteyss is studied and the results
are analyzed.

5.1. Description of the three stage gasification system

The gasification system is based on three stagg@sddvolatilization (first stage),
non-catalytic air/steam reforming of the gas comfirogn the devolatilizer (second
stage), and chemical filtering of gas in a moviegl supplied with the char generat-
ed in the devolatilizer (third stage). The direntiof the flows of solids and gas in
the system are indicated are Figure 5.1.

VALVE
A
i 3 Steam +
¥ Air
A—
NON- —
CATALYTIC
REFORMER
Fuel /—\_/B‘.
- Py i\ ¥
DEVOLATILIZER [ | Fuel
U CHAR Gas
SEAL CONVERTER |:>

3 T I~

Steam + Steam +
Air Air

|:> Gas Flow ‘ Solids Flow

Figure 5.1: Diagram of the three-stage gasification process indication of solid
and gas flows (with arrows)

Air and steam can be injected at various portghH@devolatilizer, steam reformer
and seal) with different proportions of the twoateats. Enriched air, with an oxy-
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gen concentration of up to 40% (to keep the cossarably low, for instance, if
produced by membranes) can be fed instead of h&.riain processes occurring in
each part of the system have been indicated inr€igjli. The devolatilizer is oper-
ated at a relatively low temperature (700-750 °@ppared to one-stage gasification
units. As a result, a high yield of tar is genedatiis tar being more reactive (less
aromatized) than that produced at high temperatusm atmosphere with a higher
concentration of oxygen. The gas is homogeneowslyrmed and oxidized in the
second stage, where a local temperature of up @0 1€ is generated by the addi-
tion of air or enriched air and steam. The injettaf steam contributes to some
extent to inhibit reactions of coking and polymatian (Hosokai et al., 2008). The
gas is filtered in a moving bed made of char confiogn the seal. In this stage,
catalytic decomposition of tar on carbonaceousased of the char takes place,
while the char is gasified with steam and the ga=obled down (chemical quench).
As discussed previously the seal enables to septratgas and solid flows coming
from the devolatilizer. It can be operated as adip&r (fed with air or enriched air)
or as a reformer (fed with ). The choice of operating mode depends on thle fue
heating value and reactivity, ash properties argrotonditions analyzed below.
The system is designed to be autothermal and ttendisteam fed to the system are
preheated through heat exchange with the produaed g

The main considerations to take into account taliptehe behaviour of the three-
stage system become visible from the above degunrigt is necessary to character-
ize: (i) For a given fuel, the effects of operatoanditions in the devolatilizer on the
yields of gas, char and tars, including the natiréne tar compounds in the gas; (ii)
the mechanisms and rates of tar decompositioniosactinder different operating
conditions in the gas reformer and char filter (penature, steam concentration and
gas residence time); (iii) the rate of char gaatfan at a given temperature and gas
composition; (iv) the fluid-dynamics of the systéoncharacterize the solid and gas
mixing in the devolatilizer and seal. The distribatof products during devolatiliza-
tion has been studied in chapter 3, except forcti@acterization of tar, which has
been studied elsewhere (Fuentes et al., 2011)hohwgeneous and heterogeneous
conversion of tar is not treated in this work, mupart of another thesis. Here these
processes were modelled using a scheme of reabti@drwas assumed and kinetics
data from literature, as will be discussed belowirduthe model description.

The experimental input and results obtained in wha@-4 that are employed in the
model are listed below:

From chapter 2:

e Minimum fluidization velocity

» Method for calculating the bed porosity as a funtf gas velocity

» Perfect mixing of solids (RTD)

* Equal distribution of the gas flow between the thambers in the seal

From chapter 3:
» The devolatilization yields are not influenced hg tomposition of the flu-

idizing gas, so distribution of products measumredNj atmosphere can be
employed.
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» Correlations for calculating product yields fromvdiatilization as a func-
tion of temperature (Equation 3.8)

« Small overlapping in time between devolatilizatenmd gasification of char
(they can be modeled as processes occurring es3eri

e Variations of size and shape of the DSS particlasng devolatilization
and combustion can be neglected.

e The devolatilization model developed enables catouh of devolatiliza-
tion times for DSS of different particle sizes.

* Kinetics of the WGSR (it was concluded that theekics given by (Biba et
al., 1978) can be employed).

From chapter 4:

« Kinetics of gasification of char from DSS, genediite situ in the bed, with
CGO, and HO (Equation 4.11)

e Competition between Cand HO is not important, so the char conversion
can be calculated using the sum of the individeaktion rates (Equation
4.12).

e Chemical kinetics of combustion of char from DSSwas found that the
kinetics given by (Dennis et al., 2005) can be aypd)

5.2. Model development

A steady state model has been developed to simtilateonversion of DSS in the

three-stage gasification system proposed. The D3oged has been described in
chapter 3. Firstly, a description is made of tHevant processes taking place in the
gasifier, indicating the model details. Secondlyeactor model integrating all these
processes in Aspen is presented.

5.2.1. Modeling of relevant processes taking place in thgasifier
Devolatilization

The devolatilization of DSS was considered to ytéle following species: CO, GO
CH,, H,, light hydrocarbons, $#D, tars and char. Correlations for calculating the
yields of CO, C@, CH,;, H, and char as a function of temperature were emgloye
(see chapter 3). Analysis of char (see Table sé)tar (Fuentes et al., 2011) gener-
ated during devolatilization in FB showed that the/gen content was negligible.
Therefore, all the oxygen contained in the DSS asmmed to form CO, G@nd
H,O and the yield of KD was calculated from the oxygen balance. Tolu€hEld)
was employed to represent the tar produced durawpldtilization. The yields of
toluene and light hydrocarbons, represented kysCwere calculated to fulfill the
carbon and hydrogen balances. The distributionitobgen containing compounds
in the gas phase is not modeled, but assumed. Bldelng of these compounds is
out of the scope of the present model.

Combustion of char

The reaction of carbon with oxygen can yield bot @d CQ, but here it was
assumed to yield only GQR1), for simplicity. This is justified since thésttibution
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between CO and GQluring char combustion does not have a greatenfia on the
results, because the CO/gftio in the gasifier is governed by the WGSR Hlotui
rium (Gémez-Barea and Leckner, 2010).

c+Q - CQ (R1)

It was observed in the laboratory tests that th& B&ar particles maintain their size
and shape during conversion (both for combustiahgasification) (see Figure 3.2),
in agreement with previous work (Scott et al., 200fass transfer limitations have
shown to be important during combustion of DSS ¢h&fB (Dennis et al., 2005).
Then a shrinking unreacted core model (SUCM) wasirasd, considering that the
char particle size is equal to that of the fueléhese the ash remains attached to the
particle. The combustion reaction takes place endtter surface of the unreacted
core, whose position changes with time toward thetre of the particle, so the
thickness of the ash layer increases with conversitie chemical kinetics of the
combustion of DSS from (Dennis et al., 2005) wapleged, as discussed in chap-
ter 4, with the additional simplification of firstder reaction with respect to oxygen.
Despite the experimental results suggesting theatehaction order is lower than one
in the kinetic regimen=0.75 in (Dennis et al., 2005) ang¢0.88 in (Nowicki et al.,
2010), the assumption of first-order kinetics siifigg the treatment and had very
little impact on the results as confirmed by sintiolas. Taking into account the
above considerations, the rate of char combustpper unit of particle volume was
calculated using the following expression (GémereBaand Leckner, 2010) for
spherical particles:

M =KeCyq (5.1)
6 1
== :
d, 1+1+1(dpj (5.2)
k, kK k. \d

ko being a pseudo mass transfer coefficient of the lager defined as (Gémez-
Barea et al., 2012b):
2D d,
kD —

~d,(d,-d) 9

d; andd, being the diameter of the core and the char payrtiespectivelykiar; is
the kinetic coefficient based on the external sigfd. is calculated as a function of
conversion, according to the SUCM (Gomez-Barealasutkner, 2010):

dc = dp (1_ Xc)}é (5-4)

The particle size distribution of DSS was takeio iatcount and a reaction rate was
calculated for each particle size.
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Gasification of char

The char is gasified with Gand HO according to:

C+CQ - 2CC R2)

C+H,O0- CO+ H, (R3)
As seen in Equation (5.4), the diameter of the obnenreacted char is given by the
extent of char combustion. Within the core, unifoconversion of the char was
assumed, i.e. the local char conversion was asstinied the same throughout the
core. This assumption can be justified if masssi@mlimitations inside the particle
are small which is shown by the results obtainedhapter 4, since mass transfer
limitations were found negligible at temperaturesolw 900 °C. Mass transfer limi-
tations can however affect the conversion ratdsgiter temperatures. An effective-
ness factor that lumps external and intrapartichssrtransfer limitations is used to
account for the mass-transport limitations accaydmthe model in (Gémez-Barea
and Leckner, 2010). An additional resistance toaneasnsfer was included in the
model to take into account the resistance in the lager surrounding the core
formed during the combustion of char. The procedem®loyed to calculate the
efficiency factor is given in the Appendix. Theeaaif char gasification with CO
(R2) and with HO (R3) is assumed to be represented by nth ordwmtiks (see
Chapter 4):

Mo, =KpoCog ™ (5.5)

R2~CQ
Mo = kRscr-gonRS (5.6)
The kinetic coefficients for each reactidqyandkgs can be obtained as the product

of the intrinsic kinetic constatt and the efficiency factor accounting for the plaus
ble effects due to mass transfer:

k=kn(x) 5.7)

The intrinsic kinetic constank;, is expressed for each reaction (R2 and R3) fellow
ing Arrhenius expressions of the form (see Chager

E
.=k ex = |F .
= en | F6x) 9)
whereF(x;) is an experimental function accounting for theiatéon of char reactivi-
ty with conversionKinetic parameterg,, E,, n and for each reaction (R2 and R3)
were taken from chapter 4 (see Table 4.6). The supeession foF(x;) was em-
ployed for the two reactions, as justified by tlesults obtained in chapter 4 (see
Figure 4.7). This simplifies the modeling of thensitaneous gasification of char
with CO, and HO. The kinetic parameters measured in chapter 4 wbtained
within the temperature range of 800-900 °C. To Enahblculation of the char con-
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version at temperatures below 800 °C, additiorgtsthave been carried out to de-
termine the kinetics of the reaction with®below 800 °C. The reaction rates below
800 °C were fit empirically to be employed in themwations in this temperature
range. The effectiveness factor in Equation (5.@} walculated separately for each
reaction and for each particle size.

Kinetics of gas phase reactions

Gas phase reactions include the combustion ofil®kgtecies, water gas shift reac-
tion (WGSR) and the conversion of tars. The vaatitombustion reactions and the
WGSR are listed in Table 5.1 together with the kmexpression employed for
each reaction.

Table 5.1.Gas phase reactions: stoichiometry and kineticessgion taken from dif-
ferent sources according to the screening madeéémez-Barea and Leckner, 2010).

Reaction Stoichiometry Kinetic expression Referere
R4 H,+0.50, - H,0 lee =KeCy, Cq Haslam, 1923
Howard and
R5 CO+050, ~ CQ Fes = KesCooC Chic Williams,
1973
07 ~08 Dryer and
R6 CH, +150, ~ CO+ 2H,0 l're =KreCen Cq Glassman,
1973
Westbrook
R7 C,Hg +3.50, » 2C0,+ 3H,0 re, = kR?C(CJ;Hs Ca‘ss and Dryer,
1981
Bryden and
R8 CHy #5350, - 7COH 4RO =k, Ce,Cq Ragland,
1996
Meo =Kro CcChyc Biba et al.,
R9 CO+H,0- CQ+ H, 1978; Yoon et
~KeoCoo, Gy al., 1978

In Table 5.1 the oxidation of tar with,@ included, however, cracking and reform-
ing also occur, as well as interaction betweerediffit tar compounds. The kinetics
of these reactions and the scheme of reactionchbe tlefined. The conversion of
tar is a complex process involving a number ofedéht species and reactions. Pri-
mary tars, produced at relatively low temperatwerdy the devolatilization, under-
go thermal cracking inside the reactor yielding enstable tar species. At tempera-
tures above 900 °C tars are composed mainly ofapmgatic hydrocarbons (PAH)
which are more stable and difficult to destroy (&anBarea and Leckner, 2011). In
order to convert these compounds into light fuelcsgs without a catalyst, tempera-
tures over 1100 °C are required (Devi et al., 2088)previously discussed (during
description of the modeling of devolatilizationpluene (GHg) was employed to
represent the tar generated during devolatilizatieme calledight tar; naphthalene
(CioHg) was taken as a representation of secondary ¢ae, ¢alledheavy tar The
homogeneous conversion of tar is modeled using deguential reactions. In the
first reaction, the light tar is cracked to giveatng tar and light gas (R10 in Table
5.2) and the second reaction involves the reforneihgeavy tar into light gas and
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coke (R11 in Table 5.2). This reaction scheme vedescsed based on experimental
findings in literature (discussed in chapter 1} fight tar is cracked to yield more
heavy tar that can be converted to light gas comgewand coke when exposed to
high temperatures. The kinetics given by (Jessp)L8% the homogeneous conver-
sion of toluene and naphthalene was used in theeingdown in Table 5.2. The
stoichiometry of these reactions was not specifieliterature (Jess, 1996), so com-
patible stoichiometry was defined here. Since thmunt of tar in the reactor is
small compared to other gas species and char,tthehiometry defined for the
homogeneous conversion of tar (reactions R10 arlg Bdly has very small influ-
ence on the results of temperature, gas compositidnchar conversion calculated
by the model.

Table 5.2.Stoichiometry and kinetic expressions for the défe tar reforming reac-
tions considered

Reac- Stoichiometry Kinetic expression Refer-
tion ence
— 0.5
R10 | 3CH,+H, = CH +3CH,+ CH+6C| Ty =Ky Co  CYF | Jess,
1996
r.. =k CY¥ CP%| Jess,
RIL | G H,+2H0O - 3CH,+2CO+5C | 'mu~Kmi“en~r | 7608
Abu EI-
R12 | C,H,+10H,0 0T 10c0+ 14H, My =Kl iy ?ugo%ts
al.,

Reforming of tar catalyzed by the char

Reforming of heavy tar catalyzed by char parti¢ie$2) may occur in the bed of
char in the third stage of the process (char caererExperiments for studying this
reaction are currently ongoing, so in this modag ¢jlobal stoichiometry shown in
Table 5.2 and kinetics obtained for the reformirfighaphthalene over wood char
measured by (Abu EI-Rub et al., 2008) were emplqged Table 5.2).

5.2.2. Reactor model

A reactor model of the three stage gasificatiortesyswas developed taking into
account the processes described above. The modelbeadivided into four
submodels, representing the main parts of the mystieidized bed devolatilizer
(FBD), seal (LS), non-catalytic gas reformer (NCG&)d char converter (CR).
Aspen Plus was taken as mother program to impletieensubmodels. A general
scheme of the reactor model is shown in Figure I5.ibcludes the flows of solids
and gas in the system as well as the processelvéavin each part, indicating the
reaction model subroutines used in Aspen. The systeassumed to be adiabatic
and uniform (but different) temperature is considefor the FBD and the LS, as
indicated in Figure 5.2. Since in a standalone RB@ all the processes occur to-
gether in a single vessel, the FBD submodel willebgployed to simulate (i) the
performance of the first stage of the three-sta@6 land (ii) the performance of a
stand-alone FBG, allowing comparison between theetlstage system and a one-
stage FBG.
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Figure 5.2: General scheme of the three-stage gasificatioremod

The dimensions of the different vessels (FBD, LEGR and CR) were defined as a
function of the feedrate of DSS. The diameter ef 8D, LS and CR was specified
using the throughput (kg DSS/HmThe throughput employed was 1700, 3800 and
430 for the FBD, LS and CR, respectively. Thesa@ieslwere defined to adjust the
gas velocity in each part. The dimensions of th&sRGvere specified to have a gas
residence time of 1.3 s. Simulations were carrigidfar a DSS flowrate of 30 kg/h,
for which the vessel diameter was 15, 9 and 3@Her-BD, LS and CR, respective-
ly. The gas in the bed was assumed to be well maxebthe bed porosity was calcu-
lated according to the model presented in (Johnss@i., 1991). The gas leaving
the LS is divided into two streams with equal flavess, resulting from the pressure
balance of the system as discussed in chapter 2.

A detailed description of the submodels for thdedént parts of the system is given
below. The acronyms employed (RYIELD, RPLUG and REI) are the names of
the blocks available in Aspen to simulate reactors.

Fluidized-bed devolatilizer (FBD) submodel

In order to ensure complete devolatilization of filnel a spatial time for the solids of
12 minutes and a minimum temperature of 750 °Qissidered for this unit. The
temperature in the FBD is calculated and only satioihs fulfilling the minimum
temperature required are considered.

The drying and devolatilization of DSS, partial dafion and gasification of char in
the FBD were modeled as sequential steps as @gstify experimental findings in
chapter 3. The consumption of the oxygen fed is dampared to char gasification
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so the partial oxidation can be considered to péee in a small part of the reactor,
while char is gasified in most of the reactor volum

The drying and devolatilization of DSS were simethtising an RYIELD unit and a
calculator block, computing the yields of the diffiet species during devolatilization
as a function of the FBD temperature, applying éixperimental correlations, as
discussed in section 2.1.1.

In the partial oxidation step, the combustion @& tolatiles and char generated dur-
ing devolatilization is simulated (reactions R1,-Rg). The combustion reactions
are modeled using a plug flow reactor model (RPLUG)e char combustion rate
constant,kr,, is calculatedn an external calculator block, using Equation)5
(5.4). ks, decreases with char conversion due to the increae ash layer thick-
ness around the reacting char particle, so the getim process was simulated
using a series of RPLUG units taking into accobetéffect of conversion.

The gasification of char was simulated using an @KT unit with a calculator
block that computes the conversion of the two dwsification reactions (R2 and
R3). The char conversior, attained in the FBD was calculated using the ersid
time distribution of solids obtained by assumingf@et mixing, given in Equation
(2.23). This assumption is supported by resultaiobt in chapter 2 (see Figure 2.7).
As discussed above, devolatilization and gasificattf char were modeled as se-
quential steps, so gasification was assumed to @tae devolatilization was com-
pleted. The time necessary for devolatilizatio™&S was calculated for each parti-
cle size using the model presented in chapter 8.tirthe needed to reach a certain
char conversion was calculated using the sum of#sification rates with C{and
H,0 as discussed in chapter 4:

rRZ + rR3

1
t=C, [——dx (5.9)
0
The rates of the char gasification reactiars,andrgs, are calculated according to
Equations (5.5)-(5.8).

The WGSR (R9) and the tar conversion reactionssanellated using an RPLUG
reactor. As can be seen in Figure 5.2, the gatiitaof char and the WGSR are
modeled as sequential steps, but in a real gasif&y occur simultaneously. The
effects of making this assumption on the resulteevieund to be insignificant, so it
is a reasonable simplification. As discussed abthetemperature was assumed to
be uniform throughout the FBD and the reactor tewipee was calculated by per-
forming an energy balance by using the Aspen despgugification tool.

Seal (LS) submodel

In the LS model, the combustion reactions (R1, B3-8Bhd the WGSR (R9) are
considered. The approach to modeling the combustiatar in the LS is the same
as in the FBD: various RPLUG units in series wempleyed to account for the
variations inx.. The temperature in the LS was calculated usiagstme method as
for the FBD.
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Non-catalytic gas reformer (NCGR) submodel

The NCGR is simulated as an adiabatic plug flovet@a using the RPLUG model,
where the volatiles oxidation reactions (R4-R8g WGSR (R9) and the homoge-
neous reforming of tar (R10-R11) take place.

Char converter (CR) submodel

The CR is modeled as an adiabatic plug flow readtbe reactions that are consid-
ered to take place in the CR are: gasificationhafrd R2-R3), the WGSR (R9) and
the homogeneous and heterogeneous reforming ofR4i®-R12). The rates of the
char gasification reactions;, andrgs, depend on the char conversiand therefore,
the CR was simulated using a series of RPLUG umiie. number of units was suf-
ficiently large to have negligible effect on theults. For each uniE(x.), that gives
the variation of the intrinsic kinetics with cons@&m (see Equation (5.8)) and the
efficiency factor,;(x.), for each reaction, were calculated as a funatibthe char
conversiony,, in an external calculator block.

Inputs and outputs of the model

The inputs to the model are the flowrates of DSSarad steam fed in the different
parts of the system. Air and steam are assumed fwdheted up to 300 °C, a value
achievable by heat exchange with the exit gas.olityguts include temperatures, gas
and char flows and gas composition in the diffengatts of the system. Various
indexes are employed for the analysis of the resadiow, defined in the following:

» The equivalence ratio, ER, is the oxygen in thefedr divided by the
oxygen necessary for complete oxidation of the.fuel

* The amount of steam fed to the system is charaetkiby the steam to
oxygen mass ratio, SOR, in kg steam/kg of oxygen.

» The carbon conversion efficiency, CC, is the mafssaobon in the
produced gas (including tars) divided by the amadimtarbon fed with
the DSS.

e The cold gas efficiency, CGE, is the chemical epafgthe gas repre-
sented by the higher heating value in the prodyzed] divided by the
higher heating value in the DSS fed. The energthintars has been
included as part of the chemical energy in the daspite it is obvious
that condensable tars will not be present in a gakl

n_HHV
CGE: .n']gout Yout

YTy (5.10)
SS,

DSS

5.3. Results and discussion

In the first part of this section, the FBD submoideémployed to simulate the per-
formance of a stand-alone FBG. Thereafter, the Isitiomn of the three-stage gasifi-
cation system is made, focusing on a comparisond®at one-stage and three-stage
gasification systems. Optimization of the operatewnditions of a three-stage
gasifier is analyzed and then finally gasificatiming enriched air is studied.
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5.3.1. Simulation of a standalone FBG

The optimum operation conditions for an autotherstahd-alone FBG are analyzed
by studying the cold gas efficiency (CGE) and tagbon conversion efficiency (CC)
for different ER and SOR. The oxygen is added totaan the process temperature,
and steam is added because it increases the hydoogeentration in the gas and
could increase tar reforming as has been showmglimi FBG of wood (Campoy et

al., 2008; Campoy et al., 2009).

Figure 5.3 shows the cold gas efficiency (CGE)dame-stage FBG as a function of
the equivalence ratio (ER) for different steam &ygen ratios (SOR). When in-
creasing ER more volatiles are combusted, leadirmgdecrease in the heating value
of the gas, but on the other hand, the reactor eemtipre is raised leading to higher
char conversion. At low ER values, the increasearbon conversion is dominant
and the CGE increases with ER. There is a valugRoibove which the increase in
carbon conversion with temperature does not congerfer the decrease in HHV
due to the combustion of volatiles. This explaims maximum in CGE observed in
the range of ER 0.23-0.25. In addition, the maximumnCGE is smaller as the
steam to oxygen ratio is increased. This is becthesaddition of steam leads to a
decrease in reactor temperature, leading to a d@serim the char conversion and,
consequently, in CGE. In order to maintain the saeaetor temperature at higher
SOR, the equivalence ratio needs to be increasgthiring that the maximum in
CGE shifts to higher ER as SOR increases.
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Figure 5.3: CGE as a function of ER for a one-stage FBG usingmdifft steam to
oxygen ratios

The carbon conversion achieved in a FBG dependsotnthe char generated dur-
ing devolatilization and the extent of char coni@rsn the gasifier. The first factor
depends mainly on process temperature since thHesfummpletely devolatilized
before leaving the bed. The char conversion dependthe extent of gasification
reactions with steam and GQas only a small fraction reacts with oxygen. The
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amount of char gasified is determined mainly bytdrmaperature and residence time
of the char in the bed, the gas composition hawinlg a minor influence, as demon-
strated in Figure 5.4. In this figure, the carbamweersion efficiency is represented
as a function of the reactor temperature for défféisteam to oxygen ratios, showing
that nearly equal carbon conversion is attainesirimulations with the same temper-
ature but different SOR (different steam conceittnain the gasifier). It can also be

seen that the char conversion increases steeply imgteasing temperature up to
900 °C, while after that, the increase levels Gflculations show that for all the

steam to oxygen ratios analyzed, the maximum CGdairscfor a reactor tempera-

ture between 880 and 890 °C, corresponding to amdBBing between 0.23 and

0.25 (see Figure 5.3).
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Figure 5.4: Carbon conversion (CC) achieved in a one-stage FBGuagton of re-
actor temperature for different steam to oxygeinsaiSOR)

The addition of steam also influences the compmsitf the produced gas. For
ER=0.24 and SOR varying between 0 and 0.25, then@far fraction in the dry gas

is lowered from 13.5% to 11.6%, whilst the Bind CQ molar fractions increase,

respectively, from 8.0 to 9.1% and from 14.9 to3%. These effects are explained
by the enhancement of the WGSR for higher steancergrations, leading to the

formation of B and CQ.

The tar content in the produced gas depends otathgeld during devolatilization
and the extent of oxidation and reforming of tanc® the addition of steam increas-
es the H concentration, it could enhance the reforminggiititar inside the reactor
(see reaction R10). Simulations have been carnigdoo different equivalence rati-
0s using SOR=0 and SOR=0.25 to study the influemcthe tar content in the pro-
duced gas. The results are shown in Figure 5.5renttee tar content in the gas
(g/Nmsdry ga9 @and the conversion of light tar due to reform{reaction R10)xg1 (in
%) are represented on the left side vertical akige reactor temperature is also
shown and can be read on the right side verticial &he results show that the re-
forming of tar in the gasifier is not significamrftemperatures below 900 °& o is
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about 10% at 900 °C). When increasing the steaoxygen ratio the temperature
decreases, leading to less reforming of tar antienigar content in the gas. These
results suggest that the addition of steam is nitdlsle to enhance tar reforming for
atmospheric autothermal FBG. Nonetheless, the satakulated should be consid-
ered with caution since the effect of steam onrdte of conversion of tar com-
pounds is not well known. We have modeled the mwagith kinetics currently
available in the literature. However, there areepffactors in a FBG that may influ-
ence the tar yield such as the generation of plurheslatiles in the feed ports, the
heterogeneous conversion of tar with the bed nadtand others that have not been
taken into account in the model developed. Furshigdies are necessary to quantify
steam reforming of tars under different FBG comdisi. In spite of this, the model
results are useful to predict the temperature Isethe influence of the extent of tar
conversion on the thermal balance is small, sartbdel is reliable in the analysis of
the effects of ER and SOR on CGE and CC.

60 90C
EXR
B3 501 Tar content 875
S& o
T 5 40 850 &
2= o
+ < >
2.2 30 825 &
U’N— S
S g
25 20- 800 £
2% =
S o
8 > 10 775
c5
<O

0 A T T T 750

0.16 0.18 0.2 0.22 0.24

Equivalence ratio, ER

Figure 5.5: Tar content in the gas produced in a one-stage kR ding both light and

heavy tar) and the conversion of light tar duestaction R10xgo represented on the left

side vertical axis, and reactor temperature reptedeon the right side vertical axis, as a
function of equivalence ratio, for SOR=0 (solid Ej)@and SOR=0.25 (dashed lines)

The operating conditions that give the maximumcadficy for a one-stage FBG
were identified as ER=0.236 and SOR=0. Figure %.8lf@ws the main results ob-
tained for that case, including reactor temperat@@E, CC and the tar content in
the gas. Practical operating experience using DB&n FBG has shown that
defluidization problems due to partial sinteringtbé DSS with bed material starts
occurring from temperatures above 810-820 °C (GéRwea et al., 2008). There-
fore, a FBG using DSS cannot be operated at terysesaabove this value and the
maximum CGE that can be achieved is lower tharotfeeshown in Figure 5.6(a). A
simulation was performed to determine the maximu&EQGhat can be achieved in a
standalone FBG using ER=0.207 and SOR=0, whichsgaveeactor temperature
close to 820 °C. The results from this simulatio@ shown in Figure 5.6(b). The
loss of performance for this reactor temperatureisgle, yielding a CGE of 0.75

and tar content in the gas of 31 g/fﬂm,as
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One stage, Sim 1.1 One stage, Sim 1.2 Three stages, Sim 3.1
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Figure 5.6: Simulation of a one-stage FBG, using (a) ER=0.236%0R=0 (Simula-
tion 1.1) to give the maximum CGE; (b) ER=0.207 &@R=0 (Simulation 1.2) to give
the maximum operating temperature and simulatice thfee-stage system using total
ER=0.240 and total SOR=0.28 (c) (simulation 3.1) {Ealgle 5.3)

5.3.2. Simulation of a three-stage FBG

In the three-stage gasifier, the air fed is divitbetiveen the FBD, LS and NCGR. A
maximum temperature of 820 °C is set for the sedltherefore only a small flow of
air can be fed in this part and the addition oéstés necessary to fluidize the seal.
This leads to a minimum requirement of steam glyei$OR ranging from 0.20 and
0.30. Since part of the steam fed in the sealrisctid to the gas reformer (see Fig-
ure 5.2) and we have no accurate knowledge abautnmach steam should be add-
ed in the gas reformer, no steam will be fed tosystem apart from the steam fed in
the LS. A simulation of the three-stage systembeen performed using a total ER
of 0.24, a value close to the optimum for a ong&stBBG when SOR is between
0.20 and 0.30 and the results are shown in Figlse)p Comparing the results in
Figure 5.6, it can be concluded that a signifidaagrovement is achieved by using
the three-stage gasifier. The higher cold gasieffity achieved is explained by the
higher char conversion obtained by increasing tier cesidence time in the system
using a moving bed of char (CR). In a one-stage RBSt of the oxygen combines
with fuel volatiles and only a limited part burtetchar. Therefore, the char conver-
sion in a one-stage FBG has to be achieved byicgtsih with CQ and HO,
which are not fast enough to convert the char withie time of stay of the char
particles in the reactor. Compared to the one-skRf®, the exit temperature in the
three-stage system is lower, due to the endotheemaittions taking place in the CR,
decreasing the heat loss in the system. The clsifiogdion and tar cracking reac-
tions taking place in the CR also increase the @, content of the gas raising
its heating value. Despite the increase in gagifinaefficiency achieved in the
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three-stage system, the tar content in the prodgasdhown in Figure 5.6 (c) is still
high and needs to be decreased further.

In order to enhance the conversion of tar in thetesy it is necessary to create a high
temperature zone in the NCGR with peak temperataresnd 1200 °C (in simula-
tion 3.1 shown in Figure 5.6(c) the maximum temperin the NCGR was below
1000 °C). For this purpose, the total ER in theesysneeds to be increased. Differ-
ent distributions of the air fed between the FBId #me gas reformer can be chosen.
Two simulations were performed giving a temperapeeak in the NCGR of 1200
°C, by adjusting the air flow in this part. In tfiest simulation (simulation 3.2), the
air flow in the FBD was adjusted so that a tempegabf 750 °C was reached in this
section (the minimum set) and in the second sinmrgsimulation 3.3) the temper-
ature in the FBD was kept at its maximum (about 82)) The details of the input
values and results from the two simulations aremiv Table 5.3.

Table 5.3.Distribution of air into the different parts of thieree-stage gasifier, and the
results obtained for two simulations (3.2 and 3m8jere the peak temperature in the
NCGR is 1200 °C, but different distributions of lagtween the FBD and NCGR are em-

ployed.
Total ER and SOR and air distribution
Simulation Total Air fraction into Air fraction into Air fraction into Total
ER FBD LS NCGR SOR
3.2 0.270 0.62 0 0.38 0.24
3.3 0.298 0.70 0 0.30 0.22
Results
Tar
. . HHV
Simulation | Tegp, | Tis, T max TeitCR, content, s
°C °C NCGR,°C °C CGE ce g/NM gy MIINM ary
gas gas
3.2 750 597 1201 888 0.8 0.993 0.01 6.9
3.3 822 677 1201 1012 0.7 1 0 6.4

As can be seen, the CGE is lower for simulation BI8s is because the total ER is
higher in this case, while only a small increas€@ is achieved compared to simu-
lation 3.2. For simulation 3.2 the CC is nearly pbete, showing that there is little
opportunity for improvement by increasing ER. Tliffedence in efficiency between
the two cases is also evidenced by the differem@xit temperature. For simulation
3.3 an important amount of energy is lost as sémsibat of the gas and ashes leav-
ing the system. For both simulations the tar cantethe exit gas was low, showing
a substantial improvement compared to the reshtisvs in Figure 5.6(c) (simula-
tion 3.1). Figure 5.7 shows the tar content (bahtland heavy tars) in the gas at
the exit of the FBD, NCGR and CR, for simulation$ @nd 3.2. For simulation 3.1
part of the light tar formed in the FBD is converia the gas reformer leading to an
increase in the heavy tar content. There is nafgignt reduction of light tar in the
char converter, because the temperature in thteoeds not high enough. Heavy tar,
on the other hand, is reduced through heterogenemmwsgersion catalyzed by the
char particles. For simulation 3.2, the light tantent at the exit of the FBD is very
high, but due to the high temperature in the NC@Fha light tar is reformed (Fig-
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ure 5.7 shows zero light tar at the exit of the NR3Gyielding heavy tar which is
subsequently converted in the gas reformer antténR. For this simulation, the
tar content at the exit of the CR is so low thad ihot observed in Figure 5.7.
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Figure 5.7: Light and heavy tar content of the gas at thea@hhe devolatilizer (FBD),
gas reformer (NCGR) and char converter (CR) for sitrarie3.1 (see Figure 5.5(c)) and
simulation 3.2 (see Table 5.3).

To understand the conversion process in the charecter, Figure 5.8 represents the
profiles of temperature and conversion of char &gbt- and heavy tar in this
equipment for simulations 3.1 (Figure 5.8(a)) aril(igure 5.8(b)). For simulation
3.2 no light tar is present in the CR (see Figui®.3t can be seen that the conver-
sion of heavy tar and char are fast in the firstiea of the char converter, where the
temperature is high, decreasing continuously dud@éaemperature drop along the
reactor. In contrast, the conversion of light mrseen to be slow throughout the
whole unit (see Figure 5.8(a)). As can be seenigare 5.8 the simulations were
carried out using a length of the CR equal to but,for simulation 3.2 (see Figure
5.8(b)) for reactor lengths higher than 0.5 m thées of conversion of tar and char
become very slow, as the degree of conversiorgis and the temperature is low, so
little benefit is achieved by increasing the lengttthe char converter above 0.5 m.
It is obvious from Figure 5.8 that the length of fBR required depends on the oper-
ating conditions. It can also be seen that very h@mperatures are present in the
first part of the CR. At these high temperaturessnaansfer limitations within the
particle can be important for the gasification bAc However, the model employed
here to account for mass transfer limitations il wlid, because the minimum
value calculated (see Appendix) is close to 0.5.
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Figure 5.8: Profiles of temperature, char and light- and heavygonversion in the char
converter for: (a) simulation 3.1(see Figure 5.5(@d) simulation 3.2 (see Table 5.3).

In the model thermal equilibrium between the gad aalids has been assumed,
because this is a common assumption for this typaaving beds, given the large
contact area between the gas and solids and ditésedy slow reaction rates. Never-
theless, since for simulation 3.2 at the beginmihthe char converter there is a large
difference between the temperatures of the gas0(229 and the solids (597 °C),
temperature differences between the gas and sotidlsl be important in the first
section of the CR. In order to assess if the asgompf thermal equilibrium is valid,
the length of the char converter required befoeerttal equilibrium between the gas
and solids is reached was estimated through siegli¢alculations. Calculations
were carried out considering gas-solid heat trarsfiel the heat consumed by the
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char gasification reactions. A heat transfer cogdfit between the gas and solid of
100 J/(M s) was assumed, which is a conservative value aoedpto values ob-
tained from correlations found in literature, tlyte h=200 J/(ni s) (Wakao and
Kaguei, 1982). The results of the calculations stwbvhat after less than 1 cm of
reactor the temperature difference between theagdssolids is 1 °C, so it can be
concluded that the assumption of thermal equilioribetween the two phases is
valid.

5.3.3. Simulation of a three-stage FBG with enriched air

A number of simulations were performed in ordeclteck if the results obtained for
the three-stage system can be improved by usirigheat air, with an oxygen con-
tent of 40% on a volume basis, as a gasificatioentinstead of air. The results
show that with enriched air a peak temperaturehin NCGR of 1200 °C can be
achieved using a total ER of 0.24 (simulation 3®)is value can be compared to
ER=0.27 needed when using air (see simulation 3\VZh enriched air, a CGE of
almost 0.85 was achieved and the HHV of the gasW% MJ/Nrﬁdry gas(Compared
to the HHV of 6.9 M.J/Nr'fﬁdry gasObtained with air in Simulation 3.2, see Table)5.3
The advantages of using enriched air can be exdiy the fact that for the same
equivalence ratio, less,Ns fed, which leads to a higher temperature ingystem
and less dilution of the gas, increasing the rafeshar and tar conversion reactions
and increasing the HHV of the gas. In Table 5.4,dbmposition of light gas com-
ponents in the exit gas for the different simulasigpresented above is given. The
results show that for the three-stage system, theafid B contents in the gas in-
crease compared to a one-stage FBG, while thedé€reases (note that the volume
fraction of CQ in Table 5.4 is higher for the enriched-air caseesless gas is pro-
duced, but the yield of GON gcodKdary el IS lower). A comparison between simula-
tions 3.1 and 3.2 shows that by optimizing the apieg conditions for the three
stage system, the CO and ebntent in the gas can be increased further aexhe
pense of the CO This can be explained by the char gasificatioh t@m reforming
reactions taking place. Finally, the concentratball the gas compounds other than
N, increases by using enriched air, since the gkesssdiluted with M It is shown
that a gas with a concentration of CO andoff respectively, 23.5% and 15.4% can
be produced.

Table 5.4.Composition of the light gas obtained in differeimiglations, given in
volumeXyy gas

Composition of the dry gas, volume%

Simulation N, ({0 CO, CH, H, CoHg
One stage; simulation 1.1 52.3 134 151 4.2 7.3 2.6
One stage; simulation 1.2 50.9 11.7 16.4 4.3 8.9 3.2

Three stages;
simulation 3.1
Three stages;
simulation 3.2
Three stages;
simulation 3.3
Three stages, enriched air;
simulation 3.4

49.3 14.1 14.9 3.8 10.2 2.7

51.3 153 13.7 3.6 10.6 2.2

55.1 13.2 14.7 3.8 7.8 2.3

27.8 235 18.7 6.1 15.4 3.7
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5.4. Conclusions

A model of a new three-stage gasification systembde®n developed. The system is
composed of a fluidized-bed devolatilizer (firshgt), a non-catalytic gas reformer
(second stage) and the third stage, called charectar, is a moving bed made up of
particles coming from the first stage. The moded baen used to compare the per-
formance of the three-stage system and a stan@-dloidized-bed gasifier (FBG)
using dried sewage sludge (DSS) as fuel. The injpois the model have been ob-
tained in chapters 2-4. In the one-stage FBG, ffegaiing temperature is limited to
810-820 °C due to the risk of defluidization cau$sgdsintering of the DSS ash.
These temperatures are too low to enable convedditars, so a gas with high tar
content (31 g/Nr:?ary gag IS produced. In an autothermal three-stage FB& pibssi-
ble to create distinct temperature zones by adigstie operating conditions. The
conversion of tar is favored by creating a highgenature zone in the non-catalytic
gas reformer, where most tar coming from the ftage is converted into light gas
components and heavy tar. The heavy tar can beedmavin the moving bed of
char due to the catalytic activity of the char jgdes, so that a gas with a tar content
as low as 0.01 g/Nf‘my gas€an be produced. The gasification of char is insed in
the char converter due to the high solids residéinoe and high temperatures in this
unit. The temperature is high at the beginnindhef¢har converter, but continuously
decreases due to the endothermic tar and char ioreeactions taking place. The
rate of these reactions becomes slow towards thhetthis unit as the temperature
is low and the conversion of tar and char is hifihe length of the char converter
necessary to reach high conversion of char andepends on the operating condi-
tions in the system. The best results for the tistage gasifier are achieved when
just enough air is fed to the system to assure ldghmation of the fuel in the first
stage (temperature of 750 °C) and a high temperaime (1200 °C) in the gas re-
former. In this case the cold gas efficiency is10.he HHV of the gas is 6.9
MJ/Nmsdry and almost complete conversion of char is achieVeeé heavy tar con-
tent is virtually converted in the system, leadtoga gas with a low enough dew
point for burning in a gas engine. Using enrichednéth a 40% volume of oxygen
instead of air, the cold gas efficiency can bedased up to almost 0.85 and a gas
with a HHV of 10.8 M\J/Nr?‘ury gasCan be achieved. In a future work the inhibition
effect of H, on the char gasification reaction with steam lassessed. This effect
leads to even lower char conversion in a standakBi@, given the low operating
temperatures, but in the three-stage system thpaerture and char residence time
are sufficiently high to achieve high char convensiDue to the low tar content in
the gas, the high efficiency of the process, ardaitivantages of the FB design, the
proposed three-stage system is ideal for powerymtozh at small-to-medium scale,
enabling high throughput as well as adaption taagety of fuel size and quality
(biomass, residues and wastes). The model developide present work has been
employed to design a pilot plant for the demongtnadf the system.
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Appendix: Model for the calculation of the effectiveness factor employed in
Equation (5.7)

The global effectiveness factor is calculated asptoduct of the external and inter-
nal effectiveness factorg, andy;.

=14, (5.11)

ne @andy; are calculated by iteration using the followingiations:

n,=(1-Da,a0.) (5.12)
tan h(/]en%” Da,; 2)
n = — (5.13)
n %”Dah.l’z

Dache @nd Dyeh @are non-dimensional parameters that are calcufabed Equations
(5.14) and (5.15), respectively.

d n-1 1 1
Dath,e :Ep kiCHZO/CQ [k_g +E] (5.14)

_din+1kC™

ach,i
36 2 D

e

(5.15)

In Equation (5.14) the term K4 has been added in order to account for the mass
transfer resistance in the ash laygrandd.are calculated from Equations (5.3) and
(5.4), respectively.
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Conclusions

6.1. Aim and significance

Gasification of waste fuels in conventional fluigliz bed gasifiers (FBGS) presents
high tar content in the gas and low carbon conwarsihe latter due to incomplete
conversion of char. In order to overcome these Heaks alternative gasifier designs
are needed, particularly for small-to-medium scajstems where extensive second-
ary gas cleaning is not economically feasible. #is purpose, a new three-stage
gasification system based on fluidized bed (FB)gitebas been developed.

The aim of this work is to assess the performariddeproposed three-stage gasifi-
cation system. To achieve this goal a model wagldeed using dried sewage sludge
(DSS) as reference fuel. DSS is available in |lapggntity, presenting a disposal prob-
lem. Distributed-electricity production from thisaste seems to be feasible.

Experimental data needed for the modeling of thetesy were obtained. Distribution
of product species from devolatilization and thee raf char conversion were meas-
ured in a laboratory FB. The fluid-dynamics of #ystem were investigated in a cold
model, where the mixing of solids and gas in th&tesy was characterized and corre-
lations for calculating the key fluid-dynamics paegters to be used in the simulation
model were obtained.

Simulations showed that the three-stage systenifisamtly improves the perfor-
mance of conventional FBG (one-stage system). Towere¢he proposed new gasifier
is an interesting technology for electricity protias from biomass and waste.

6.2. List of contributions
Fluid-dynamics of the system

1. Minimum fluidization velocitiesy,y, of different materials were measured, includ-
ing mixtures of DSS and inert bed material. Propethods and correlations from
literature were selected enabling calculation @& whs with good agreement with
experimental measurements made in the cold model.

2. The distribution of solids in the bed for difet solids mixtures under various gas
velocities was measured. Correlations from litex@tenabling calculation of suspen-
sion density in the bed, with good agreement wibpeeimental measurements, were
selected.
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3. Residence time distribution of the solids in #®8 was measured showing that
perfect mixing of the solids can be assumed.

4. The distribution of gas and solids in the sadB divided into two parts by a sepa-
ration wall covering part of the bed) was invediigh finding that the gas flow is
divided equally between the two chambers in thd &®aall operating conditions

tested.

Devolatilization

5. Product yields and devolatilization times wereasured for different biomass and
waste fuels in a laboratory fluidized bed at terapees between 750 and 900 °C.
Correlations for the product yields as a functibteonperature were obtained.

6. The shrinking and fragmentation behavior dudegolatilization and char combus-
tion was studied for different fuels. For DSS tlagiations in particle size and shape
were small.

7. A simple model that can be employed to charaeteéhe mode of conversion of a
fuel particle was developed allowing estimatioritef devolatilization time for differ-
ent particle sizes.

8. Overlapping in time between devolatilization ayasification of char was found to
be small, indicating that the two processes cambeéeled as sequential processes (in
series).

9. The influence of the composition of the fluidigigas on the distribution of prod-
ucts during devolatilization was found to be smalherefore, the yields obtained
using nitrogen can be assumed valid under gasditatonditions, where a complex
gas mixture surrounds the particle during devataiion.

10. Kinetics of the WGSR was obtained in the latmsareactor. The values of kinet-
ics parameters measured were of the same ordeagiitade (but lower) compared
with kinetics commonly used in literature for gasation modeling.

Conversion of char

11. Cooling of char after generation was foundhftuence the char reactivity signifi-
cantly. Therefore char kinetics should be measbreth situ tests (those measuring
the reactivity just after devolatilization, i.e.thout intermediate cooling).

12. Kinetics of the gasification of char from driselwage sludge (generated in situ in
the laboratory fluidized bed) with G@nd HO was obtained.

13. The reactivity of char in mixtures containin@£{and HO simultaneously was
investigated. It was demonstrated that competitbetween C@ and HO during
gasification of dried sewage sludge char at atmesplpressure is not important,
meaning that the rate of char gasification candlewtated as the sum of the individu-
al reaction rates obtained using mixtures o,@Q and HO-N..
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14. Rates of combustion of char from dried sewdgédge in air were measured. It
was concluded that mass transfer limitations aomant at practical temperature in
a FBG in agreement with previous work in literaturbe char combustion rate meas-
ured at low temperature also showed reasonablemgr with kinetics from litera-
ture.

Modeling of the three-stage gasification system

15. A reactor model for simulation of the threegstayasification system was devel-
oped using the experimental data and conclusioteirea in previous experimental
studies (items 1-14).

16. The model was employed first to simulate thefgpmance of a conventional
standalone FBG for comparison with the three-stgtem. For a standalone FBG
the operating temperature is limited due to thk eissintering of the ash, so the best
results that could be obtained were: a cold gasieficy of 0.75 and tar content in the
gas of over 30 g/Nfy gas

17. The model was employed to study the performafidbe three-stage gasifier. It
was found that the operation with air can be otédito achieve a cold gas efficien-
cy of 0.81, producing a gas with sufficiently loar ttontent (0.01 g/Nf‘my gag t0 be
employed for electricity production in engines. ropess efficiency of up to 0.85 and
a gas, virtually free of tars, with a higher hegtirmlue of 10.8 M\]/Nﬁary gas Can be
obtained using enriched air, with 40% volume of @xy. Although the reported fig-
ures are subjected to the assumptions and kinetigdoyed in the model, the results
clearly indicate that the efficiency and qualitytbé gas obtained in standalone FB
gasifier are insufficient, while the three-stagesifiear can produce a gas with the
desired quality and with high process efficiency.

18. Besides the specific results present in thesith the methodology to obtain the
necessary experimental data for any biomass speagebeen defined. The model of
the three-stage gasification system developed tb@nefore, be adapted to simulate
the conversion of other biomass and waste fuels.

6.3. Future work

In this work various submodels and assumptions baem made. Some of them need
further research. The main effort to improve thedelshould be focused on the fol-
lowing:

e Tar model: A simple reaction model based on expemiad observations from
literature was developed for simulating the coneerof tar. A more detailed
model of the conversion of tar is required. Fos thurpose data regarding the
primary generation and kinetics of secondary casigerof a complex (real) mix-
ture of tars are required. The kinetics data ofdtweversion of tar should be ob-
tained both for homogeneous conditions using difiegas compositions and for
heterogeneous conversion catalyzed by char patidleese data could be in-
cluded in the model in order to perform more acmusimulations of the conver-
sion of tar in the system. Currently tar kinetice heing determined in another
thesis.
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« Char model: A more detailed model representing:tiee converter (moving bed)
could be developed, using the tar conversion daationed above and a more
detailed particle model, for simulating the simnitaus conversion of char and
tar. In addition, the inhibition effects of,Hluring gasification of char should be
taken into account in the kinetics.

« Kinetics of the WGSR in the presence of differevtrt or catalyst bed materials,
biomass species and char should be measured torexXpture optimization of
the system.

In addition, data from a pilot plant of the threage gasifier should be compared with
the simulation results, in this way, both model gildt plant can be improved and
optimization for other fuels can be made. The gilleint has been designed using the
present model. The engineering work on the plaatiisently ongoing.



Nomenclature

Ar
Ar;

a, b, c

Ay, &, &

Pre-exponential factor;'s

Archimedes number, -

Archimedes number of inert particle (i)di?gg (e
Pg)/,ugz

Fitting parameters in Equation (4.9), -

Coefficients of Eq. (2)

Biot numberhR/ g«

Geometry factor (in chapter 3)

Gas concentration, molin

Empirical parameters in Equation (2.5)

Total gas concentration, moffm

Carbon conversion efficiency, -

Cold gas efficiency, - (defined in EquatisrilQ))
Specific heat capacity, J/(kg K)

External mass Damkdhler number for char conversion
Internal mass Damkdhler number for char conversion
Dahmkohler numbekge,o,Co R et

Effective diffusivity, nf/s

Particle diameter, m

Bubble diameter, m

Diameter of the core containing unconverted chmar,
Equivalent diameter, {6/z)"~, m

Particle diameter, m

Activation energy, J/mol

Equivalence ratio

Fourier numbete /(p,Cp JR°)
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Nomenclature

F(x)

HHV

QD
kel

T F T T TFTFRARXRXXRXRFT ICI

x

Kia

Mco

Function that expresses the variation of gagificarate
with char conversion, -

Solids feed rate, kg/s

Height of the vessel, m

Higher heating value, J/kg

Height of the bed, m (in chapter 2)

Heat transfer coefficient, W fi{in chapter 3)

Height of the opening below the separation wall,
Equilibrium constant of the WGSR, -

Kinetic constant, $ (in chapter 3)

Rate constant, (molfi™ s* (in chapter 5)
Preexponential factor, %" (in chapter 4)
Preexponential factor, (molAi™ s* (in chapter 5)
Kinetic constant of the direct WGSRZ/mol s)

Mass transfer coefficient for the ash layer, I s
Gas phase mass transfer coefficient;’m s

Kinetic constant of the inverse WGSR¥/mol s) (in
chapter 3)

Intrinsic volumetric rate constant, (mof)f" s* (in
chapter 5)

Kinetic constant referred to the external pagtislirface
area, m3$

Width of the vessel, m

Mass of painted DSS in the bed, kg

Mass flow, kg/s

Mass of C, H and O in the sample at tithe

Initial mass of painted DSS in the bed, kg (iaputer 2)
Initial mass of C, H and O in the sample, g (imuter
3)

Mass of the bed, kg

Mass of carbon in char at any time, g

Initial mass of carbon in char produced after

devolatilization, g
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my(t)
Nu
Nu,
N

P

Pr

Pco2

PH20

Rog
Réns
Re

Mass of light gases measured up to tinge

Nusselt number for inert particleg/Ag,

Nusselt number for active particteg,/Aq,

Reaction order, -

Pressure, Pa

Prandtl numbergp, ug/lq

Partial pressure of GOn the feed gas during GO
gasification experiments, bar

Partial pressure of J@ in the feed gas during .8
gasification experiments, bar

Gas fow rate, fifs

Radius of a sphere/cylinder or the half thicknefss flat
particle, m (in chapter 3)

Reactivity of char, §(in chapter 4, defined in Equation
(4.2))

Bed expansion ratio, -

Reynolds number of minimum fluidization, -
Particle Reynolds number, -

Ideal gas constant, 8.314 J/(rK9I

Radial position within a fuel particle, m (in chap3)
Char conversion rate;'§in chapter 4)

Conversion rate at=0.30, &

Conversion rate at=0.20, &

Rate of gasification of char with GGs*

Rate of formation of CO, mol/(hs)

Rate of gasification of char with,8, s*

Rate of char combustion in air, mol/(g

Particle radius, m

Rate of gas-char reactions, molfféulid s)

Rate of gas-gas reactions, moff@h

Reactivity at reference conversioft, s

Surface area,

Steam to oxygen ratio, -



Nomenclature

Uit
Ut
Ukt

Uy

Xdev
Xdev

Xpss

Xr10

4 I:)cri'(

Greek letters

Op

€hd

Temperature, K

Bed temperature, °C

Time, s

Time for 60% conversion, s

Time for 90% conversion, s

Fluidizing velocity, m/s

Superficial gas velocity, m/s

Bubble velocity, m/s

Velocity of an isolated bubble in an infinite bexl's
Velocity of complete fluidization of the bed, m/s
Minimum fluidization velocity, m/s

Terminal velocity, m/s

Throughflow, m/s

Visible bubble flow, m/s

Volume, i

Local degree of conversion during devolatilization,
Particle conversion during devolatilization, -

Char conversion, -

Weight fraction of DSS in a solids mixture -
Conversion of light tar due to homogeneous refiogm
(reaction R10 in chapter 5), %

Yield of char, gas, water, condensate or tar (8gft)
or CO, CQ, CH, and H concentration in the gas (%
volume)

Critical pressure for which the seal stops wagkiRa

Viscosity, Pa s

Particle sphericity, -
Variable for integration, -
Bubble fraction, -

Bed porosity, -
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Emf
n
Ne
R

Subscripts

atm

baux
bd
CcC
dcm
dev
dp
DSS
eh

eq

Bed porosity at minimum fluidization, -

Global effectiveness factor, -

External effectiveness factor, -

Internal effectiveness factor, -

Stoichiometric coefficient for @in the global char
combustion reaction

Dimensionless temperature

Thermal conductivity, W/(m K)

Viscosity, Pa s

Coefficients of Equation (3.22)

Density, kg/n

Spatial time of solids, s (in chapter 2)
Characteristic time for particle heat up, s (gter 3)
Characteristic time for intraparticle mass trans§ (in
chapter 4)

Dimensionless visible bubble flow, -

Attime =0

At time =
Atmospheric

Bubble

Bauxite

Bed

Char converter
Downcomer
Devolatilization
Distributor plate
Dried sewage sludge
External heat transfer
Equivalent

Gas feed stream



118

Nomenclature

stp
tot

valve

Abbreviations

CR
daf
DSS
FB
FBD
FBG

LS
MBM
NCGR
PM
RTD
SUCM
TPT

Fluidized bed
Gas

Inert particles
Internal heat transfer
Inlet stream
Mixture
Outlet stream
Particle
Reactor
Reference
Reaction i
Seal

Solid
Standpipe
Total

Valve

Char converter

Dry and ash free

Dried sewage sludge

Fluidized bed

Fluidized bed devolatilizer
Fluidized bed gasification or fluidized bedsifier
Inner diameter

Seal

Meat and bone meal

Non catalytic gas reformer
Perfectly mixing

Residence time distribution
Shrinking unreacted core model

Two phase theory
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WGSR Water gas shift reaction

wit% Percentage on weight basis
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